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Dear Mr. Davis,

We take pleasure in submitting this report which de-
tails the development of the RPC Sulphation Roast Process
and the results of demonstration trials on metal concen-
trates from New Brunswick complex base metal ores.

The unique physical chemistry of the Sulphation Roast
Process makes it ideally suited to the treatment of low
zinc-high iron concentrates, which cannot be treated ec-
onomically in conventional dead roast-electrolytic zinc
plants.

The requirement of conventional electrolytic plants for
high grade zinc, low iron concentrates is a principal
reason for the relatively low value recovery from New Bruns-
wick ores. A New Brunswick sulphation roast-metals recovery
plant which would be capable of treating much lower grade
zinc concentrates and also recover other contained metals
such as lead, copper and silver would effectively remove the
constraint on present mine-mill operators to sacrifice
recoveries in order to produce concentrates of grades accept-
able to existing smelters.

We envision the preferred mode of application for the
proposed sulphation roast plant as one in which middlings
and scavenger flotation mill products would be treated. This
would enable existing and new mine-mill operations to focus
on the marketing of higher grade metal concentrates to
existing smelters at premium prices while at the same time
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Mr. D. Davis 2 May 1/78

improving overall metal recovery through the sale of lower
grade concentrates to the proposed metals recovery plant.

We wish to thank the New Brunswick Department of
Natural Resources for accepting our Proposal to undertake
this work, and for their trust in our competence. We
think that this particular program will demonstrate that suf-
ficient expertise can be generated within the Province
to solve even the most complex of technological problems.

Yours sincerely,

D
[Cp - -

/,..'L" = - - /
Roy S. Boorman

Head, Mineral Development
and Processing.
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1.0 INTRODUCTION

Although the Bathurst-Newcastle area of New Brunswick
is one of the most important mining camps in Canada, complex
metallurgical problems,_which result in relatively poor
metal recoveries, have kept this region from reaching its
full potential. Current flotation practice results in
losses of approximately 35 to 45% copper, 30% lead, 15 to
20% zinc and 35 to 50% silver to the tailings. Additional
losses occur through the distribution of metals in concen-
trates of other metals as a result of poor response to
flotation. Payment for metals as impurities in other con-
centrates is normally reduced or eliminated.

Although much work has been done by industry to improve
flotation recoveries and some success has recently been re-
ported on the refloating of tailings to recover some of the
lost zinc, further improvement is desirable. This will un-
doubtably have to come as a result of new technology.

One such new technique is the RPC Sulphation Roast
Process, a highly selective and efficient technology for
separating a range of valuable metals from gangue mineral
which might otherwise be difficult to accomplish by more
conventional means. Although the range of its application
is extensive, from the treatment of the total ore through to
tailings, the most promising use for the Process is probably

in conjunction with flotation.



The use of‘a sUlphafion roast plant as an addition to
a flotation concentrator would allow the operator to produce
higher grade metai concentrates without concern for ré~
coveries; losses wouldfbe'recovered in the sulphétion roast
plant.

Apart from ensuring maximum metal recovery and thereby
increasing overall revenues, such an approach would alsé
reduce the unit cost of flotation sinée much of the‘present
complex flotation circuit, with its heavy recirculating
1bad, could be eliminated.

The implications for this proposed plant are far reach-
ing for the mining economy of the Province. The Bathurst-
Newcastle area has many known deposits of the Brunswick-
type, several of which could immediately benefit from a
solution to their difficult metallurgy. | |

The preliminary work for the RPC Sulphation Roast Pro-
cess was carried out in bench scale experiments using a 6-
inch diameter fluidized bed reactor. Theée results, which
were incorporated in an earlier report (1), were encouraging
and led to the construction of a mini-pilot plant consisring
of a 14-inch diameter reactdr, a léaching-purification
section and electrowinning cells. ‘This plant was used to
carry out demonstration trials and collect sufficient tech-
nical data for plant scale-up purposes so as to enable the
cost of the ﬁrocess to be evaluated.

During the course of the mini-pilot work it was deter-
mined that certain assumptions about the mode of operation

of the roaster, which were formulated on the basis of the

rpe



6-inch roaster trials and earlier work carried out by the
St. Joseph Lead Company (pers. comm.) were not technically
feasible and had to be abandoned. For example, it was found
to be more advantageous to feed dry concentrates to the
roaster rather than slurry feed as originally attempted by
the St. Joseph Lead Company. This necessitated major
changes in approach and a change in emphasis in the program
from demonstration trials to process development. Although
progress was somewhat hampered by shortage of staff and
time, the program from start-up of the roaster in May 1977
to completion of this report in April 1978, was completed on
schedule.

In this report the complete results of the experimental
work and mini-pilot plant trials are presented which lead to
the development of the RPC Sulphation Roast Process (patents
applied for) for the treatment of low grade mill products
from complex base metals ores of the Brunswick type.

Although some priority was to be given to the testing
of a suitable true bulk concentrate, i.e. 32% Zn, 10% Pb,
0.7% Cu and 8.8 0z/ST Ag, in both the preliminary bench
scale work which was initiated in November of 1975 and in
the mini-pilot work completed in March 1978, this material,
which was to be produced by CANMET in a pilot flotation mill
was not available throughout both programs. As a result,
the development work was carried out for the most part on a
second stage tailings refloat product, approximating 30%

Zn,3.6% Pb, 0.6% Cu and 4.4 oz/ST Ag, which was obtained from




the Brunswick Mining and Smelting Corporation Ltd. Con-
centrates with higher amounts of zinc, lead and coppef were
produced by blending appropriate zinc, lead and copper
concentrates obtained from Brunswick and Heath Steele Mines
Ltd. with theifailings-refloat.produCt. |

Two methods of feeding the roaster were evaluated:.
first, a slurry feed (70% solids) using spent zinc electro-
lyte as the liQuid medium, with spraying of the slurry into
the reactor freeboard using an air assisted dispersion,
nozzle, and dry feeding (appréximately 2.5% moisfure) by
pneumatié injection at the bottom of the fluidized Bed.

' In addition to the tailings refloat product, the roast-
ing characteristics of 30 wt% zinc concentrates cbntaining
up to 14.3 wt% lead and up to 6.8 wt$ coppef were evaluated
through the use of concentrate blends.

Leaching, solution pgrification, electrowinning and
neutralization trialsAwere carried out with tailings refloat
calcines obtained from the RPC sulphation roaster and dead
roasf calcines obtained from Canadian Electrolytic Zinc Ltd.
These trials were carried out in bench scale tests to
establish appropriate leaching cdnditions.and then in the

mini-pilot plant with recycle of solutions to the roaster

'(inter10ckéd mode). Leaching was a two stage operation, a

"neutral' leach followed by a hot strong acid leach, with

the filtrate from the second stage leach recycled to the

reactor for decomposition.




The body of the report deals exclusively with relevant
data applicable to two full scale sulphation roast plants
based on two feeds, a bulk concentrate and a tailings re-
float product. Also included are data and implications for
an integrated sulphation roast-dead roast plant which would
use ''scavenger'' products (i.e. tailings refloat and mid-
dlings products) in the sulphation roaster and regular or
high grade zinc concentrates in a companion dead roaster.

An economic evaluation is given for each plant and com-
parisons drawn with the Sherritt Gordon Pressure Leach
Process treating the same bulk and tailings refloat products,
and with a conventional dead roast plant, treating high
grade (52%) zinc concentrates.

The applicatioﬁ of the RPC Sulphation Roast Process to
New Brunswick complex ores is discussed with specific
reference to two proposed models; 1) a sulphation roast
plant to treat a blend of a modified bulk concentrate from
Heath Steele and tailings refloat and zinc middlings pro-
ducts from Brunswick and 2) an integrated sulphation roast-
dead roast plant which would use only concentrates from
Brunswick, high grade zinc concentrates in the dead roaster
and tailings refloat and/or zinc middlings products in the
sulphation roaster.

The results of the process development work and impli-
cations for plant scale-up, mass and thermal balances for
scale-up, mineralogy, calibration data, alternatives to

limestone neutralization of spent electrolyte and relevant




cost data used in the economic evaluation of the full scale

planfs are presented in the Appendices.
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2.0 SUMMARY AND CONCLUSIONS

A sulphation roast-leach-electrowinning process has
been developed and demonstrated in a mini-pilot plant at the
New Brunswick Research and Productivity Council. This new
Process recovers high purity zinc, copper metal and minor
elements such as cobalt and Eadmium, while producing a
residue from which a lead oxide-silver product can be re-
covered by brine leaching.

The RPC Sulphation Roast Process is similar to conven-
tional zinc dead roast-leach-electrowinning practice.
Differences occur in the roasting conditions, methods of
separating zinc from iron pres;nt in the feed and the method
of copper recovery. The Process has been successfully
tested on zinc products ranging from 20 to 32% zinc, 0.5 to
4.48% copper, 2 to 14.3% lead and 15 to 30% iron, achieving
recoveries of 96% zinc and 97.5% copper.

The roasting is performed under sulphating conditions

at 685°C and 4.5-5.5% SO, to achieve approximately 85% prim-

2
ary metal extraction for zinc and copper in a dilute 'neutral"
acid leach. The residue, containing the remaining zinc as
ferrite (ZnO.Fezos) and remnant unreacted sphalerite,
((Zn,Fe)S), is subjected to a second extraction in a hot

acid leach at 40 gpl constant free sulphuric acid, 95°C and

two hours retention time at high pulp density. Under these

conditions up to 95% of the remaining zinc and copper in the
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neutral 1eéch residue is solubilized into a concentrated
sulphate solution. After solid-liquid separation, the
filtrate contains up to 100 gpl zinc and 110 gpl total irom.
The solution is continuously recirculated into the sulpha-
tion roaster to thermally decompqse the iron sulphétes to
inéoluble hemafite and recover the zinc and copper as
sulphates in the calcine, thereby eliminating the require-
ment for a complex iron precipitatioﬁ stage such as the
Jarosite Process commonly employed in cqnventional elec-
trolytic zinc plants. Thermal and masé balances show that
in a commercial size reactor the entire hot acid 1eéch solu-
tion can be decompbsed in the fluidized bed reactor using
only the excess heat relgased during rgasting.

This new alternative for effective and simple separa-
tion of the zinc from thé iron in solution results in vir-
tually all of the zinc and copper reporting fo the dilute
acid 'neutral' leach sélution. Overall -extractions of zinc

and copper from the calcines are 98.5 and 98%, respectively,

with less than 1 gpl soluble iron in the dilute acid "neutral"

leach solution. Iron is removed to less than 0.01 gpl by
oxidation and precipitation after copper recovery. The
precipitated iron is recycled to the neutra1 1each, redis-
solved in the hot acid leach, and conﬁerted to inert -hema-
tite on recycle to the roaster.

Copper is recovered by solvent extraction from the
_first stage (dilute acid) leach filtrate. Direct electro-

winning from the copper sulphate loaded strip liquor pro-
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duces high purity copper cathodes.

Although no test work was undertaken in this program,
previous work by the St. Joseph Lead Company (pers. comm.)
showed that up to 97% of the lead and 85% of the silver was
recoverable from sulphation roast leach residues of Bruns-
wick Mining and Smelting ores, using a brine leach.

A simplified flowsheet for the RPC Sulphation Roast
Process is»shown in Figure 1. Two feeds, a tailings refloat
product and a bulk concentrate, were used to establish two
general full scale models for a sulphation roast plant. The
assays for these products, feed rates and overall metal
recoveries, are shown in Table 1. Zinc and copper recov-
eries are ba'sed on data from the mini-pilot trials, whereas
lead and silver recoveries are derived from mass balance
calculations using the St. Joseph Lead Company test results
as a guide. The principle roasting and leaching operating
conditions and overall extractions for zinc and copper are
given in Table 2.

Preliminary leach tests on conventional dead roast
calcines, supplied by Canadian Electrolytic Zinc Ltd.,
showed that no major problems should be encountered in
carrying out leaching of combined sulphation and dead roast
calcines. Mass and thermal balances indicate that a sul-
phation roast calcine produced from a 30% zinc product can
be combined with a dead roast calcine produced from a 56%

zinc concentrate and leached in a single train, two stage




TABLE 1

ROASTER FEED TONNAGE, GRADE AND METAL RECOVERY

Sulphation Roast (SR) Sulphation
Bulk Concentrate Tailings
Feed Rate (MTPD) 843.96 900.
WtZ Metals
Zinc 32.00 - 30.
Lead - 10.00 3.
Copper 0.70 0.
Silver (o0z/S.T.) 8.80 4.
Recoveries (%)
Zinc _ " 96.0 96.
Copper ’ 97.5 97.
Cadmium _ - 89.6 89.
Lead 93.9 ~ . 91.
Silver 85.0 85.

Roasf (SR) : Integrated

Refloat Sulphation Roast/Dead Roast
SR DR

23 389.52 : 268.63

00 30.00 : 56.00

60 3.60 1.20

60 0.60 0.19

40 4.40 1.83

0 - 97.0

5 97.5

6 ' 60.6

8 . : 92.5

0 85.0

¢l
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TABLE 2

OPERATING CONDITIONS AND AVERAGE METAL
EXTRACTIONS ACHIEVED IN THE RPC SULPHATION ROAST PROCESS

2.1 Roasting:

Temperature = 685 t 5°C

Retention Time = 5.5 hrs

Air Factor ~~T= 1.8 '

Gas Velocity = 0.75 m/Eec (at 685°C)
Feed Rate = 4.1 T/m” - day

2.2 Dilute ("Neutral) Acid Leach:

Temperature = 55 + 10°C
Retention Time = 1.5 hrs.
PH = 3.6-4.0

Filtrate composition (SR) = 150 gpl Zn, 2 gpl Cu, <1 gpl Fe
Filtrate composition (integrated SR/DR) = 150 gpl Zn, 1 gpl Cu,
<0.01 gpl Fe

2.3 Hot Acid Leach:

Temperature = 95 % 5°C
Retention Time = 2 hrs.
Free H,SO = 40 gpl

Pulp Dénsity 45 wtZ solids

Filtrate composition (SR) = 100 gpl Zn, 110 gpl Fe, 40 gpl H,S
Filtrate composition (integrated SR/DR) = 108 gpl Zn, 176 gp% Fe,
40 gpl H_SO
2774
Overall metal extraction (in dilute acid leach) with recycle:

98.5% Zn 98% Cu
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leach process. With a roaster feed ratio of 1.43 to 1,
sulphation roast feed to dead roast feed, there is suf-
ficient thermal capacity in the sulphation roaster to
consume all of the hot acid leach filtrate. As a result,
all zinc exits in the neutral leach filtrate with less than
0.01 gpl iron in solution. As such, the requirement for a
Jarosite-type iron precipitation stage is eliminated and
overall zinc recoveries are slightly improved over what is
normally accomplished in a conventional dead roast elec-
trolytic zinc plant, 97% versus 95%. Also, whereas 30% of
the copper and silver from the feed entering a conventional
electrolytic zinc plant exits with the Jarosite residue,
only 2.5% of copper and 15% silver are lost in the inte-
grated sulphation roast-dead roast operation.

A simplified flowsheet for the integrated sulphation
roast-dead roast plant is shown in Figure 2, while feeds and
metél recoveries are given in Table 1. The main operating
conditions and overall zinc and copper extractions are shown
in Table 2.

The capital cost estimate for a sulphation roast-metals
recovery plant which would treat a bulk concentrate to
recover 100,000 STPY slab zinc, 2149 STPY cathode copper,
204 STPY cadmium metal, as well as a lead oxide product
(82.9% Pb; 66 0z/ST Ag) containing 30,242 STPY lead and
2,419,851 troy oz silver per year, and 204,772 STPY sul-
phuric acid (100% HZSO4), is 176.3 million dollars (mid

1978, Canadian). The capital cost of the plant using a



, _ 16 GAS
HOT ACID LEACH EAGAg CLEANING
' FILTRATE y CLEANIN
_ , "
//I\\ ' AN \ H3S04
SULPHATION . DEAD BUANT
FEED ROASTING ROASTING !

‘AIR

FEED .-

L]
{_- AIR
. \

SPENT &
NEUT.

ZINC

SPENT KMnO,4

|
Wi

NEUTRAL

. LEACH
SOLID-LIQ ySEPARAT.

et H 5 S04

DUST
| ZINC EW
: . ZINC
| =H]”HH”H_’C_A_TM

l FIRST '

STAGE

PURIFICA-

TION

"\ll//'

~L—

"SPENT & ZINC
COPPER
sto.l l SAKE Iou;r
HOT ACID SECOND g
LEACH STAGE| .
' - PURIFICATIONY c><)

' SOL.—LIQlSEPARATION SOLID-LIQUID y SEPARATION

[

SoL.-LIQ lSEPARATION '

|

LEAD -~ SILVER
BRINE - LEACH.
RECOVERY PLANT

COBALT -CADMIUM
RECOVERY PLANT

LIMESTONE .

SPENT
NEUTRALIZATION
S0
NEUT. SPENT

SOLID-LIQ.y

—— BLEED

> SPENT

TO RECYCLE

) SEPARATION

GYPSUM

TO WASTE

Figure 2

CONCEPTUAL FLOWSHEET OF THE R.PC. SULPHATION-
ROAST-LEACH-ELECTROWINNING PROCESS APPLIED TO
AN INTEGRATED SULPHATION ROAST-DEAD ROAST PLANT




RO e B e NS
as ol ¢
) ?:§£§]

17

tailings refloat product, which would recover 60% less lead
and approximately 50% less silver, is slightly higher at
177.4 million dollars. The capital cost estimate for the
integrated sulphation roast-dead roast plant is 157.7 million
dollars. These costs compare with 143.6 million dollars for
a conventional dead roast electrolytic zinc plant.

Although the capital cost for the bulk concentrate
sulphation roast plant is approximately 23% higher than for
a conventional dead roast plant, this is more than offset by
38% higher revenue for the metals recovery plant. By com-
parison the tailings refloat and the integrated sulphation
roast-dead roast plants generate 19% and 9% more revenue
respectively than does the conventional dead roast zinc
plant.

Although the capital costs for the sulphation roast
plants are estimated to be accurate to *25%, the mean is
possibly high. Comparison with operating conditions in
commercial sulphation roast practice would suggest that the
size of individual roasters could be considerably smaller
than is indicated from the scale-up data generated from the
RPC 14-inch fluidized bed reactor. Two variables, retention
time and air ratio, are of particuiar importance in deter-
mining roaster capacity. It is believed that, in commercial
reactors both of these would be considerably less than was

applicable to the RPC 1l4-inch diameter roaster. As a
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result, the size of commercial reactors could be 25 to 30%
(hearth area)'smaller than indicated from the scale-up data.
This size reduction would effectively reduce the capital
cost of the roasters by appfoximately 30%.

A reduced air ratio in commercial plant operation, over
what was possible in the mini-roaster, would also result in
an 1ncreased SO2 concentration in the roaster off- gas, and
hence a reduction in the capital fequired for the acid
plant. For example, a reduction in the air ratio from
Q = 1.8 to 1.6 would result in a reduction in the capital
cost of the acid plant by‘7 to 9%.

Scale-up costs, based on data from the mini-pilot
plant, particularly from the roasting section, are probably
conservative and full pilot plant data may well indicate
considerébie capital cost reductions for a commercial sul-
phatlon roast plant.

Based on the capltal costs derived from the mini-pilot
plant results, the simple return on investment (before
taxes), for the bulk concenfrate feed, using the métal
prices and payment for concentrate guidelines established by
the Advisory Committee, is 15%. This compares fa&ourably
with 6% for a conventional dead roast zinc plant.

Although 30% payment for the bulk concentrate was
recommended by the Advisofy'Committee (CANMET), it is felt
that 35% payment would be more realistically typical of what
would have to be paid, for Ezgg-bulk concentrates. AtAthis

payment, the return on investment for the metals recovery
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plant is reduced to 12%. This return is based on sale of
sulphuric acid at §$15/ST. With no payment for acid the
return is reduced further to 10.5%. However, with the price
of acid increased to the current f.o.b. acid plant price of
$54.20/ST, the return on investment increases to 16.5%.
$15/ST for acid is considered a reasonable assumption con-
sidering that the producer would have tide water access to
offshore markets.

The sulphation roast plant based on the tailings re-
float product, for which payment is made at 30% of full
metal value, is only slightly less profitable than the bulk
concentrate plant, i.e. 11.5% versus 12%. However, whereas
payment of 35% of full value for a true bulk concentrate may
be low, considering that all metals recovered in flotation
are in the bulk, the 30% of full value as payment for the
tailings refloat may be too high considering it is a 'scav-
enger' product. Thus the tailings refloat plant may in
reality be the more profitable of the two plants. This
comparison of two feeds at different payments underlines the
sensitivity of plant profitability to the amount paid by the
smelter for concentrates.

Also important in the comparison is that, whereas
tailings refloat and middlings products are readily available
at predictable costs, and in quantities sufficient for the
integrated sulphation roast-dead roast plant, if not for a
sulphation plant alone, the availability of true bulk con-

centrates is in question. There is insufficient flotation
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data to support the basic assumption that metal recoveries
in a bulk concentrate can be improved o?er those previously
obtained by Brunswick Mining and Smelting, to 95% Zn, 70%
Pb, 70% Cu and 70% Ag, as has been assumed in the.guidelines
provided? It might also be queétioned whether flotatioh
results from the Brunswick ore would be applicable to other
ores in the area. ” \

It is proposed thatlthe best application for a tech-
nology such‘as the RPC Sulphation Roast Process which is
capable of treating low zinc-high iron concentrates in the
Bathurst-Newcastle area is as a custom fype smelter treating
scavenger and middlings-products from the two present
producers and from new mines.-_This mode of application
would enable a reduction in milling costs through the elim-

ination of present complex recirculating load problems,

thereby improving the profitability of the mine-mill oper-
ation. At the same time, tﬁe metals recovery plant would be
provided with a lower cost concentrate than would otherwise
be possible from a true bﬁlk concentrate.

‘Two scenarios based on the use of presently available
'scavenger' products were examined:

1) a Heath Steele Model which uses a modified bulk
concentrate from Heath Steele and tailings refloat
and zinc middlings products from Brunswick Mining
and Smelting, and,

2) a Brunswick Model, or integrated sulphation
roast-dead roast plant which would employ high
grade zinc concentrates in the dead roast section
and low grade tailings refloat and zinc middlings
or a 'dezincing' product from the copper-lead
circuit in the sulphation roaster.

2‘@@ * Recent laboratory studies at CANMET achleved recoveries
: of 94% Zn, 84% Pb, 803% Cu, 80% Ag.
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The Heath. Steele Model would allow the recovery of a
copper concentrate for éale to a copper smelter and a bulk
concentrate to the proposed metals recovefy plant from
4000 TPD of ore. Return on investment, based on a $0.32/1b
zinc price and payment for the bulk at 36% of full value for
contained metals is approximately 13%. In addition to en-
hanced profitability at the mine, achieved through simp-
lification of existing flotation circuits, overall metal
recoveries (as value), from the Heath Steele ore would be
increased by 23%.

The Brunswick Model would result in a return on invest-
ment of approximately 10% compared with 6% for a conven-
tional dead-roast zinc plant at current metal prices. This
plant would provide Brunswick Mining and Smeiting with a
more efficient integrated mine-mill-smelter complex than
would be possible with a conventional zinc plant. It would
allow the production of higher grade zinc products for sale
out of province and result in an additional recovery of
22.0 STPD of zinc, 8.6 STPD lead, 1.4 STPD copper and 105 oz/
day silver over what is now achieved in flotation concen-
trates (including a 50% zinc tailings refloat product). The
lead oxide-silver product produced from this plant would
also benefit the Brunswick lead smelter operation. As feed
to the sinter machine it would help reduce recycles and
increase the overall per unit through-put of the iead smelter,

Additional benefits may be possible for the Brunswick

Model through the use of stockpiled lead slag, as a replace-
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ment for limestone, to neutralize spent zinc electrolyte.
Use of lead slag in this manner could be an.alternative to
fuming as a meéns of recovering the appreciable quantities
of zinc from the slag as well as lead and silver.

In summary, the RPC Sulphation Roast Process appears to
be not only technically feasible but also an efficient and
economically attractive alternative to a conventional zinc
plant for northern New Brunswick. The close similarity to
conventional zinc plant practice is a particularly important
attribute of the Process which should help to enhance industry
interest. |

The presence of such a metals recovery plant in New
Bruhswick would make it possible for companiés to produce
higher quality conﬁenfrates marketable to ekisting smelters
at premium prices and ét the same time improve metal recov-
eries by producing middlings and scavenger products for
further processing in the proposed sulphation roast or in-

tegrated sulphation roast-dead roast plants.

rpe
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3.0 RECOMMENDATIONS

As the technical feasibility of the RPC Sulphation
Roast Process has been demonstrated in mini-pilot trials and
as the preliminary economic evaluation.is encouraging, it is
recommended that full scale piloting (10 MTPD feed = 3 MTPD
slab zinc) of the Process be undertaken. This is required
to obtain more accurate process parameters which will be
required for commercial plant scale-up. Particularly im-
portant areas which can be properly evaluated only in a full
pilot are: roasting conditions, gas cleaning, spent electro-
lyte neutralization, zinc dust purifications and cadmium re-
covery.

Several areas require additional work in the mini-pilot
plant either prior to, or in conjunction with, the pilot
plant trials, These are as follows:

1. The lead-silver recovery, brine leach circuit,
should be evaluated technically and mass and
thermal balances generated.

2. Additional tests in a modified 14-inch roaster
are required to assess the influence of varying
levels of copper with lead on bed fluidization
characteristics. There was some difficulty in
the initial trials with bed 'stickiness' with feeds
containing both high lead and copper and work is
required using higher air velocities, simulating
conditions in a commercial scale reactor, to eval-
uate the effect of composition. As most ore
deposits contain a higher copper/zinc ratio than
Brunswick ore, it is likely that bulk concentrates
or middling products will be higher in copper than
the tailings refloat concentrate tested in the
mini-pilot program.

3. The use of lead slag from the Belledune Lead
Smelter as an option to limestone in neutral- _
ization of spent zinc electrolyte, as described in




In addition to the above test work, consideration should
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Appendix A5, requires complete evaluation. Bene-

fits to accrue would be:

i) recovery of zinc from the presently stock-
piled slag, a waste product which might not
be economically feasible to process by fum-
ing, '

ii) increased zinc throughput in the zinc plant,
iii) recovery of lead and silver from the slag,

iv) elimination of limestone for spent electro-
lyte neutralization,

v) increased SO, content from the roaster to the
acid. plant. :

The use of an inert fluidized sand bed or the
sulphation roaster itself to decompose spent zinc
electrolyte using off-gas heat from the dead
roaster in the integrated sulphation roast-dead
roast plant as an option to limestone neutraliza-
tion. :

Solvent extraction tests using the reagents

LIX 65N and LIX 34 (General Mills Chemicals)

should be carried out to compare their behaviour
to that of LIX 64N at 45°C the minimum temperature
of the neutral leach. A suitable diluent should
be found so that solvent extraction can take place
at 60°C and the requisite test work carried out.
The higher temperature would eliminate the need
for costly solution cooling and heating.

be given to carrying out a detailed cost/benefit study to

establish acceptable payments for various middlihg and bulk

concentrates from both producing mines with perhaps some

estimates derived for the Anaconda Caribou ore and other

singificant, yet undeveloped, ore bodies in the area.

rpe
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4.0 BASIC PRINCIPLES OF THE RPC SULPHATION ROAST PROCESS

4.1 THEORY

The RPC sulphation roast process is a combined pyro-
hydrometallurgical route to transform relatively insoluble
metal sulphides to the soluble sulphate or oxysulphate
state. By controlling the roasting conditions, the process
can be made selective so that the more valuable metals will
form soluble sulphates while the iron, which constitutes the
main undesirable element in the feed, is transformed into
relatively insoluble hematite. This allows effective
separation of valuable metals such as zinc and copper from
iron and other gangue material by water or dilute sulphuric
acid leaching and further recovery by electrowinning or
chemical precipitation.

The overall sulphate formation reaction for a metal M

can be expressed as follows:
MS + 20, &  MSO
In some cases, metal sulphates are formed through several

intermediate- compounds, ‘usually their.oxides and.oxysul-

phates, following the general reactions:

MS$ + 1.75 0, 3z 0.5 MO.MSO, + 0.5 SO,
MO + 0.580, + 0.25 0, z 0.5 MO.MSO,
MO.MSO, + SO, + 0.5 0, 3z 2 MSO,

l iagiel C
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In addition to these single metal compounds, solid state Tre-
actions between condensed phases also take place, usually a
metal oxide or oxysulphate with iron oxide, as in the follow-
ing reactiomns:

MO + Fe, 04 - MO.Fe, 0,

, * Fe,0, > MO.Fe,0, + MSO,

Such reaction products are classified as ferrites.

- MO.MSO

A The distribution of metals among the  above compounds
formed during rbasting is dependent on the temperature and
gas éompositionfas well as the phfsical conditions'existing
in the roéster. Thesé variables can be regulated so that
only.one compound is thermodynamically stable under,equi;
librium conditions. | |

Kellogg's stability phase diagrams, which illustrate
the stability fields of compounds as a function of the
partial pressure of SOz.and O2 at a given teﬁperature, are
useful in predicting the formation of compounds during
roasting. The combined phase diagram calculated at 685°C
for the Fe-S-0, Zn-S$-0, Cu-S-0 and Pb-S5-0 systems is shown
onAFigure 3. The cross hatched region ABCfoepresents the
range of gas composition (1-10% 802; l-lO%,OZj prevalent
inside a fluidized bed roaéter operating as a sulphation
reactor. Under normal roasting conditions, zinc, copper,
and lead will form their respective sulphates, while iron

~will oxidize to hematiteé, as shown in Figure 3.

For S0, concentrations of approximately 3 to.ls%,

ZnSO

CuSO, -and PbSO‘4 are the only stable sulphates, while

4’ 4

rpe
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iron sulphates; if present, decompose to Fe,04 in the

roaster. For SO2 concentrations less than 2%, some copper
and zinc oxysulphates can be present. These compounds . are
soluble in dilute sulphuric acid.’

Any increase in SO2 concentration from poiﬁt-Q will
favour the formation of FeSO4 which is a water or;dilute
acid soluble compound and hence would resﬁlt in increased
quantities of iron in leach solutioms, an undesirable
feature in zinc and copper electrolytic plant practiée.

Diagonally opposite at point A, where the gas is
composed of 1% SO, and 1% 0,, ZnS0,, Cu0.CuSO,, PbSO, and

273
from A (i.e. lower SO2 concentratidn), will favour the form-

Fe,0., are the stable phases. Any further downward trend

ation of ZnO.ZZnSO4. This should also be avoided as ZnO.ZZnSO4
can react with FeZO3 during roasting to form ZnO.FeZ.O3 (ferrite)
which is soluble only in strong acid solutioms.

| and CuO.CuSO

Sie.:At;point B, (1% SO,, 10% 0,) both CuSO

2’ 4 4
are stable phases, together with ZnSO4, PbSO4 and Fezos.

At point D (10% SO 1% 02) the compounds formed are the

27
same as at point C.
A decrease in roasting temperature will displace all
phase boundaries in Figure 1 towards the lower left. This
will effectively increasé the stability fields of all sul-
phates including the iron sulphates, FeSO4 and-FeZ(SO4)3.
As the iron level in leach solutions should be kept to a

minimum, it is important that the roasting temperature not

be appreciably below 650°C. Conversely, increasing roasting

TPC
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temperatures above 685°C will favour the formation of
ZnO.ZZnSO4, and undesirable férrite. The latter being formed
gither directly from sphalerite or by reaction of ZnO.ZZnSO4
with FeZOS'

Although the formation of zinc ferrite is normally fav-
oured at roasting temperatures higher than 700°C, its sta-
bility field, considering the uncertaiﬁty in the available
thermodynamic data, could extend to lower temperatures
(Figure 4). The reaction between zinc oxide and iron oxide
to form ferrite can occur as low as 590°C, while the lowest
temperature at which copper ferrite forms by equilibrium re-
action of copper oxide with iron oxide is 720+20°C. Al-
though zinc ferrite is a metastable phase under sulphation
roasting conditions, its resulphation by SO2 is a kinetic
problem with rates being diffusion controlled. This prob-
ably accounts for the presence of ferrite in roaster cal-
cines.

Kinetic factors and the complex gas-solid behaviour
within the fluidized bed can cause variations in reaction
products from those predicted from phase diagrams, which
depict ideal, pure systems. This, plus backmixing con-
ditions in fluidized bed roasters, results in calcines which
normally contain one predominant phase (the theoretically
stable phase) and several others in minor amounts. For
example, in the sulphation roasting of zinc concentrates,
the zinc products formed in the calcines are, in order of

abundance, ZnS0,, Zn0.2ZnSO Zn0.Fe,0

4’ 273
latter being due to the backmixed nature of the roaster.

and (Zn,Fe)S, the
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4.2 DEVELOPMENT OF THE RPC SULPHATION ROAST PROCESS

421 Previous Work

Two major‘attempts have been made in the past to use
the promising potential of sulphation roasting as a means
of recovering valuable metals, principally zinc &nd copper,
from relatively low gfade concentrates. The Dowa Mining
Company Ltd. at Kosaka, Japan, in 1954 through to 1955,
operated a commercial sulphation roast plant on an 80 TPD
basis using a sulphide feed averaging 16.7% Zn, 10.6% Cu,
2.4% Pb, 39.0% S and 26.0% Fe. Although extractions and
recoveries were high for copper, 94 and 93% respectively,
corresponding extractions and recoveries for zinc were
relatively low, 88 and 65% respectively. In addition to
poor recoveries, problems with recovery of copper and zinc
from a single electrolyte were experienced. This work was
carried out before the advent of copper solvent extraction
technology which might have been used to solve the problem
Dowa faced in having to neutralize a spent copper electro-
lyte carrying 100 gpl zinc prior to zinc electrolysis. At
high solution zinc loading considerable zinc is lost to the
gypsum residue. This accounts for the spread between zinc
extraction 88% and zinc recovery 65%. Roasting was carried
out at 700°C, hence, although unstated, zinc ferrite would
be present in the roaster calcine. Acid strength in the
leach was at a maximum of 5 to 7 grams per litre and the
temperature 70°C for a 5 hour retention. Under these conditions

-~

only a portion of the ferrite would be leached and this
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accounts for thé'relatively low zinc extraction from cal-
cines. However, ferrite leaching did occur such that 28 kg
-MnO2 per ton of feed was required to keep ironvin solution
below 2 gpl, a level which 1is considered too high for present
zinc plant practice. |

The St. Joseph Lead Company initiated a éulphation
roast test program on New Brunswick ores in 1954. With
assistance from the Battelle Memorial Institute in Columbus,
Ohio, a program was carried out from bench scale experiments
through to fullAIO TPD pilot trials which were completed in
late 1957. | |

Best results wére obtained frém unconcentrated ore
which was fed as a slurry with spent electrolyte to the
roaster. :This ore averaged 8.71% Zn, 3.49% Pb and 0.24% Cu.
Over a continuous one month period of operation, the average
level of soluble zinc in the calcines was reported as 94.4%
while zinc extraction was 90;4%. Similarily 'soluble’
copper was 95.8% with only 85.6% extraction. No explanation
was offered for the diécrepency between 'soluble' metals in
calcines and metals extraction, the difference is believed
to be due to filtration difficulties possibly resulting_from
iron hydroxide précipitation. ' |

The iron in the leach solution was high, 5-10 gpl, and
some of this might be attributed to the low roasting temperatures
(599-643°C) employed. In the present program, it was found
that higher températures are required if the formation of

iron sulphates are to be avoided during roasting. Ferrite

rpe
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in the calcines could also have been a contributor to this
high iron. At St. Joseph Lead, the calcines exiting the
roaster were cooled to about 300°C and quenched in dilute
acid leach solutions which contained 20 gpl sulphuric acid
at the outset and was controlled to 10 gpl in the pregnant
leach filtrate. Although the acid strength was low, the
temperature was high enough (boiling at the outset) and the
retention time sufficient to effect dissolution of some
ferrite in the calcine. |

Attempts by St. Joseph Lead to roast a bulk concentrate
(§3.7% Zn, 9.51% Pb, and 0.35% Cu) produced from the Bruns-
wick ore were completely unsuccessful. Extreme difficulties
were encountered in maintaining bed fluidization and the
test program had to be abandoned. St. Joseph Lead used
2 wt% sodium sulphate as an addition to the roastef feed to
act as a sulphation promoter and these difficulties may
have been a result of relatively low temperature metal-
sodium sulphate eutectics which cause bed stickiness and
agglomeration. RPC experience with sodium sulphate addition
to a feed of similar zinc content was equally bad. Even
with very minor additions (<1 wt%) poor bed fluidization was
experienced.

In addition to the Dowa and St. Joseph Lead work on
sulphation of sulphide concentrates, two sulphation roast
plants have been operated as a means of resulphating ferrite
from dead roast-neutral leach and hence increasing overall

zinc recoveries. These were in operation in 1965 at the
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Mitsubishi Metal Mining Combaﬁy; Akita plant, in Japan and
in 1964 at the Det Norske Zinkkompani plant in Norway. In
both operations the ferrite residue was roasted together
with pyrite concentrates to effect sulphation of ferrite.
With the development of the Jarosite Process, sulphatién'
- of ferrite in this manner was abandoned..

| The principal problems encountered by Dowa and St.
qoseph.Lead'in their respectiVe attempts to develop a sul-
phation roast process seem to center on the formation of
zinc ferrite in the roaster calcine. In both cases, ferrite
-was probably responsible for the relatively low extraction,
by present day zinc plant practice standards, of zinc from
calcines and for the unacceptably high levels of iron, 5-
10 gpl in £ﬁé case of the St. Joseph Lead trials,‘in the
leach filtrates. Such high levels of iron would require some
iron precipitation procedure. Howevér, both the Dowa and
St. Joseph Lead programs prédated the Jarosite and similar
improvements in the iron removal procedure from zinc plant
leach solutions."The resultant iron hydroxide precipitate
would have created filfration difficulties and high zinc’
losses to the residue. This is, in effect, what was e#-
perienced in the St._Joseph Lead trials. |

The RPC bench scale roaster trials (1) have provided

the necessary physical-chemical information on the formation -

of ferrite in roaster calcines and the conditions that would

e

be required to limit its formation. . . LTH 4 s T

rRe
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Although relatively low levels of ferrite in calcine
(approximately 5 wt %) were achieved in the bench scale
trials using a 30% zinc concentrate, this is artifically
low in that much sphalerite was left unreacted, i.e. greater
than 17.3% of zinc in the calcines remains as sphalerite. In
comparison, calcines produced from the same feed in the 14-
inch reactor contained only 1.5-3.7% zinc as sphalerite.
Reduction of unreacted sphalerite in the bench scale calcines
to these low levels would result in a corresponding increase
in ferrite to approximately 7 to 8%. This is entirely con-
sistent with the lowest level of ferrite achieved in the 14-
inch roaster trials (i.e. 8 wt$% ferrite BMD 45) at the same
roasting temperature. At this level it became obvious that
if high zinc extractions were to be achieved then some
dissolution of this ferrite woula be necessary. With dis-
solution of ferrite, iron in the leach solutions rises
substantially above 1 gpl, the maximum acceptable level for
zinc plant practice. Although suitable iron precipitation
techniques such as the Jarosite Process are now available to
handle high iron solutions, a simpler technique was required
for handling this iron problem, if the sulphation roast
process was to be feasible. From this evolved the concept
of recycling the filtrate from a second stage hot acid leach
back to the sulphation roaster as the method of iron control.
This concept is the basis of the RPC sulphation roast process

described below. (6).
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422 The RPC Sulphation Roast Process

- The RPC Sulphation Roast Process consists of a fluidized
bed sulphation roast followed by a two-stage leach of roaster
calcines. The first stage is a dilute sulphuric acid leach
entirely similar to the neutral leach employed in conven-
tional zinc plant practice. Approximately 85% of the zinc
is leached from calcines with the filtrate, exiting to
solution purification, containing less than 1 gpl iron. The
balance of the zinc remains in the neutral leach residue as
ferrite and remnant sphalerite. This residue is then sub-
jected to a hot strong acid leach and the resultant filtrate,
which is very high in iron, is recycled to the sulphation
reactor for fixation of iron as insoluble hematite. In this
manner virtually all zinc exits through the neutral leach to
purification with solutions containing less than 1 gpl iron.

Four basic simple principles are embodied in the fil-

trate recycle concept: |
1) that zinc ferrite and remnant sphalerite can be
leached almost completely (95 or 80% respectively)
in hot, concentrated sulphuric acid solution to
produce, after solid-liquid separation, a con-
centrated sulphate solution containing zinc, iromn
and copper and free sulphuric acid.

ii) that given fixed roasting conditions, the miner-
alogical composition of the final calcine is in-
dependent of the form in which the metal(s), zinc,
iron and copper in this case, are fed into the
reactor, i.e., as solid feed or dissolved in

solution.

iii) that because of the endothermic character of the
decomposition reactions, solutions containing

ZnSO,, FeSO,, Fe (SO4) and H SO4 under sulphation
roas%ing coﬁditi%ns wi%l prodéce only ZnSO4,
Fezos’ SOz;_SOS and H,O0.

2
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iv) that the heat of reaction released during the sul-
phation roasting of sulphide concentrates, in a
fluidized bed reactor, is sufficient to decompose
all of the hot acid leach filtrate generated from
calcines containing up to 15 wt% ferrite and 1.5
wt% sphalerite.

A simplified flowsheet of the RPC Sulphation Roast
Process using only sulphation roasters is shown in Figure 1.
The recirculation of the hot acid leach filtrate to the
reactor increases the zinc extraction in the neutral leach
to over 98.5% and copper extraction to over 98%. Purific-
ation includes solvent extraction-electrowinning of copper,
iron oxidation and precipitation, cobalt cementation and
cadmium recovery. Zinc is then recovered by electrolysis.

The solid residue from the hp; acid leach contains all
of the lead as sulphate and all of the silver from the cal-
cine. A brine'(NaCl/CaClz) leach is used to recover lead
and silver as a lead oxide product for sale to a lead smelter.

The principles embodied in the RPC Sulphation Roast
Process can be used to advantage in an integrated sulphation
roast-dead roast plant as well as a sulphation roast plant.
Such a zinc plant, instead of the usual two dead roasters,
would employ one reactor for sulphation roasting and the
other for dead roasting. This integration would not only
improve the overall efficiency of an integrated mine-mill-
smelter operation in that low grade zinc concentrates could
be treated in the sulphation roaéter, but would also elim-
inate the requirement for a Jarosite-type process in conven-

tional zinc plant practice. Given the appropriate distri-

bution of feed to each roaster, there would be sufficient
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thermal excess in the sulphation reactor to décompose the
total hot acid leach filtrate derived from the combined
neutral leach residues from both roaster calcines. ‘A simp-
-1ified flowsheet fof this integrated plant is shown in

Figure 2.

Copper is recovered as a cement product if amounts are
insufficient to warrant solvent extraction and electrowin-

ning.

TpC
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5.0 RPC SULPHATION ROAST PROCESS:
FULL PLANT SCALE-UP

5.1 SULPHATION ROAST PLANT-BULK CONCENTRATE OR TAILINGS
REFLOAT PRODUCT

Two general models based on a relatively high lead
(bulk concentrate) and low lead (tailings refloat product)
30-32% zinc concentrate to produce 100,000 STPY of slab zinc
were considered. Since the basic plant layout is the same
for both the bulk concentrate and tailings refloat product,

they are analyzed together.

511 Characterization of the Feeds

The tailings refloat product was obtained from the
second stage cleaner of the Brunswick Mining and Smelting
Corporation Ltd., tailings refloat circuit. Assays and min-
eralogical compositions for this feed are given in Table 3.
The bulk concentrate composition shown in Table 3 was pro-
posed by CANMET as being "typical' of the bulk concentrates
from New Brunswick massive sulphide ores. Recoveries in the
"bulk'" are assumed to be 95% Zn, 70% Pb, 70% Cu and 70% Agf
This bulk, although perhaps typical of what could be produced at
Brunswick Mining and Smelting, would not be representative
of true bulk concentrates produced from other deposits.

 Whereas the Brunswick bulk contains low levels of copper, a
similar concentrate produced at Heath Steele, for example,
would contain 4,27 wt% copper. Similarily an Anaconda bulk
would have 2.47 wt$% copper. To reproduce a bulk concentrate,

similar to that of.the proposed model from most New Brunswick

s e

" *

see footnote p. 20




TABLE 3

CHEMICAL AND MINERALOGICAL COMPOSITION OF
FEEDS TO SULPHATION ROAST PLANTS

Bulk Concentrate . Tailings Refloat

Chemical Composition Mineralogical Composition Chemical Composition‘ Mineralogical Composition

(wt %) (wt %) . (wt 2) (wt %)
zinc ; 32.0 sphalerite ((Zn,Fe)S) = 54.1 zinc = 30.0 sphalerite ((Zn,Fe)S) = 50.7
lead = 10.0 galena (PbS) = 11.6 lead = 3.6 galena (PbS) ' 4.2
copper = 0.7 ' chalcopyrite (CuFeSz) = 2.0 copper = 0.6 - chalcopyrite (CuFeSz) = 1.7
iron = 18.0 pyrite (FeSz). = 29,7 iron = 22.0 pyrite (Fesz) - = 37.6 .
sulphur = 36.0 | gangue | ' = <3.0 sulphur = 39.0 " gangue - = <3.0
silver = . = 4.4 oz/Ton

8.8 0z/Ton ~silver
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deposits,the flotation-of a copper concentrate- in addition

to a bulk concentrate would be required.

512 General Flowsheet

The general flowsheet for a sulphation roast plant to

treat either the bulk concentrate or tailings refloat product

is shown in Drawing No. 1. Both plants are designed to pro-
duce 100,000 STPY of slab zinc, plus quantities of copper,
lead, silver, cobalt and cadmium. Yearly production and
revenue for all recovered metals and sulphuric¢ acid are
given in Section 6 (Tables 10 and 12).

The main plant, for purposes of mass balance calcula-

“tions, is divided into six sections, each of which has a de-

tailed flowsheet, as follows:
1. Roasting (Drawing No. 2).

2. Leaching and Copper Solvent Exttraction
(Drawing No. 3).

3. Purification and Electrowinning
(Drawing No. 4).

4., Cobalt-Cadmium Plant (Drawing No. 5).
5. Lead-Silver Recovery Plant (Drawing No. 6).

6. Spent Electrolyte-Limestone Neutralization
(Drawing No. 7).

Detailed mass balances for each section are given in

Appendix A2.

.1 Roasting Section

The detailed flowsheet for the roasting section is

shown in Drawing No. 2.

ingslie
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- Complete mass and thermal balances for the buik con-
centrates in this section are given in Tables A2-1, A2-7,
A2-8 and A2-25; and in Tables A2-9, A2-15, AZ-16 and A2-25
for the tailings refloat product.

Flotation concenﬁrates, as filter cake containing
approximately 8% water, are dried to 2.5% moisture in a
rotary drum dryer. The dried product is crushed to 100%
minus 100 mesh prior to roasting. Storage for dry concen-
trate feed is sufficient for 48 hours of operation.

Two Lurgi-type fluid bed roasters are used in each.

plant, nominal capacity of each roaster is 420 MTPD for the

| bulk concentrate plant‘and'450 MTPD for the_taiiings refloat

plant. The reactors are fed by slinger belt feeders, while
the calcine is discharged through rotary star valves to a

rotary drum calcine cooler. Calcines are stored in 60 day

stockpile bins for further treatment in the leaching section.

The strong acid leach filtrate frbm the ferrite residue
dissolution is recirculated to the roaster using an air
operated gun inserted through the roof of the reactor.
Pressure to the gun is kept constant by using a constant:
head tank above the reactor. An additipnal gun, fed with
spent electrolyte, is operated to maintain the bed at con-
stant tempefature when the reactor has a.surplus of heat.

Off-gases are cleaned in a one or two step hot cyclone
system. Calcines collected in the'cyclones are discharged

through gas lock rotary star valves back into the reactors.

rpC
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Off-gaseé from the cyclone system, at 650°C (or lower
temperature depending upon the heat recovered by vaporizing'
the HAL solution and/or spent electrdlyte in the freeboard
of the roasters) are cooled down to 350°C in two waste heat
boilers, one per reactor, and the off-gases finally’cleaned
in a single electrostatic precipitator. |

The proportion of elutriated material collected. in the

cyclone system, waste heat boilers and electrostatic. precip-

'itator are 90%,’2% and 8%, respectively. A mass balance for
the solid-gas separation system is given in Table AZ2-25.
Overall collection effiéiency is 99.5%.

Dust collected in the waste heat boilers and electro-
static precipitator is continuously recirculated to the
reactor as it contains a relativély high proportion of
soluble iron and unreacted sphalerite. |

The fluidized bed reactor and cyclone systems are well
insulated in order to minimize thermal losses, and use the
maximum amount of heat available from the roasting reactions
to decompose the recycled hot acid leach filtrate and the
spent electrolyte.

Since the roaster off?géses are at a relatively low
temperature, the waste heat boilers require no radiation
section and are similar to those employed by Outokumpu (7)
at their cobalt plant in Kokkola (Finland). The steam |
produced will dépend on the temperature of the off-gases
entering the-boiler. When‘no lafent heaf from the off;gases
is recovered in the freeboafd of thevreactor, the tempera-

ture of the gases entering the boilers will be approximately

rpe
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650°C. This temperature has been assumed for the overall
thermal balance calculations given in Tables A2-10 and A2-
20. A complete detailed thermal balance for the tailings
refloat product feed is given in Appendix A3. The excess
heat in the fluidized bed using both the tailings refloat
product and a bulk concentrate exceeds that required to
consume all of the hot acid leach filtrate and wash water,
while maintaining the off-gas temperature at 650°C.

After exiting the electrostatic precipitator, the
relatively clean gases are cooled to 35°C by vaporizing
water in a venturi scrubber. Water vapour from the gases is
condensed using cool water which is recirculated to a
cooling tower. |

The condensed water contains sulphuric acid, produced

from the SO, contained in the gases, and all of the more

3
volatile impurities in the ore, such as mercury and chlorine,
and most of the selenium and arsenic. The bleed from the
scrubber-condenser circuit is treated in a conventional
manner to precipitate and dispose of the impurities. The
final clean gas is then fed to a sulphuric acid plant.

Reactor parameters and operation conditions are given

in Table 4.
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TABLE 4 :
REACTOR PARAMETERS AND OPERATION CONDITIONS
BULK CONCENTRATE AND TAILINGS REFLOAT PRODUCT

Bulk Conc. Tailings Reflt.

No. of reactors 2 2
Nominal capacity (each)(MTPD) ' 420 450
Reactor diameter (m) 11.4 - 11.6
Fluidized bed level (m) 1.5 : 1.5
Feed rate (MT/mZ-day)(each) 4.1 4.3
Roasting Temperature (°C) 685+5°C 685+5°C
Air factor (-) 1.8 1.8
Solid retention time (hrs) 5.5 5.5
0.75 0.75

Gas velocity (at 685°C) (m/sec)

.2 Leach-Copper Solvent Extraction-Iron Removal
Section

The‘flowéheét for the section is shown in Drawing
No. 3. Complete mass balances are given in Tables AZ2-2 and
AZ-10 and thermal balances in Tables AZ-8 and A2-16 for the

bulk and tailings refloat products respectively.

.21 Dilute Acid "Neutral" Leaching

Neutral leaching (NL) is similar to that in conventional
zinc plant practice. The dissolution of zinc and copper
sulphates and zinc oxysulphate is controlled by maintaining
the pH at 3.6 to 4.0 for 1.5 hours by the addition Of spent
electrolyte. Neutralized spent electrolyte and water are
also added to the leach. The ambient neutral leach tem-
perature has been calculated to be 66°C assuming no conductive
or convective heat losses. Actual plant operation, would be
désigned to yield a leach temperature of 45 to 52°C during

continuous operation without external heating or cooling.

Thickness of tank insulation would determine conductive losses.

rPC
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Oxidant is not directly intrOdﬁcted‘to the neutral leach,
except for the manganese dioxide present in the recyc;e from
the iron oxidation thickener plus permanganate and manganese
dioxide present in the spent electrolyte. The leach solu-
tion to the neutral leach thickener confains typically 150

gpl zinc, 2 gpl copper, and less than 1 gpl ironm.

.22 Neutral Leach Pulp Dewatering

The initial dewatering of the neutral leach residue
takes place in a 42 m diameter thickener (based on unfloc-
culated pulp tests). Underflow from the thickener exits at
about SOO'SOlldS (by welght) and is pumped to vacuum drum
filters for final dewatering, while the overflow is pumped
to a polishing filter to remove residual suspended solids.

Vacuum drum filters with a total area of about 650m>
are required for filtration of the NL thickener underflow.
Cake washing is carried out on the filter to reduce the re-
ciréulating load of zinc. The NL residue filter cake is
continuously fed into the hot acid leach.(HAL).

The thickener overflow at about 100 mgpl suspended
solids is mixed with a 'body feed' filter aid and is pumped
to a steam jacketed precoat pressure filter of 140m% area.
Filtrates from the polishing filter and the vacuum drum

filter are combined to give a feed solution for the solvent

extraction step having an average suspended -solids of 5 mgpl.

IrPC

e .




51

.23 Hot Strong Acid Leaching

The hot acid leach differs greatly from a strong acid
leach in a conventional dead roast plant. The volume of hot
acid leach liquor is a critical parameter as it must not
exceed the cooling requirements of the sulphation roaster
and accordingly pulp densities in the leach are much higher
than in conventional strong acid leaching practice (approxi-
mately 45 wt% solids against approximately 15 wt% solids).
The recycle of the filtrate to the roaster enables the leach
to be operated at very high acid and iron levels in solution.
Leach volume is controlled by addition of spent electrolyte.
Acid concentration is controlled by addition of concentrated
sulphuric acid.

Leaching parameters for continuous leaching are,; pH 0.1
to 0.2 (approximately 40 gpl free sulphuric acid), reten-
tion time 2.0 hours, and temperature 95°C. Such conditions
result in greater than 98 per cent overall extraction of
zinc and copper from calcines and yield a solution of about
100 gpl zinc, 100 gpl total iromn, 30 gpl acid, 4 gpl copper,
and 4 gpl arsenic. The leaching process is autothermal for
continuous operation. The high temperature and ferric ion,
chloride ion (from large volumes of concentrated acid required
as reagent) and high acid concentrations necessitate that
tanks must be acid brick, rubber, or plastic lined and all
agitators constructed of Hastelloy C, titanium, alloy 20, or
rubber-covered steel. The small volume in the hot acid

leach and short retention time make the extra expense less

fan Ry A
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prohibitive than similar modifications to a strong acid

leach-Jarosite circuit.

.24 Hot Acid Leach Pulp Dewatering

The HAL pulp is filtered and washed in plate and frame
filtér presses of about Z40m2 fiitering area to give a fil-
trate for return to the roaster and a 1each residue suitable
for disposal, or brine leaching for lead and silver re-

covery.

.25 Copper Solvent Extraction and Electrowinning

Copper solVent,extraction takes place in standard mixer
settiers with L1X 64N extractant. ‘The incoming neutral
leach f;lﬁrate must be below 45°C to femain safely below the
flash point of the dilﬁent. The only deviatién from con-
ventional'practice is that the high zinc éolution must not
be allowed to cool during extraction, thué the mixers will

require supplementary heating. Holmes and Narver '"low

Vprofile" mixer settlers should be suitable for this application.

The concentration of L1X 64N in the organic phase will
be about 6.5% by volume. ‘Plant practice for dilute liquors
from heap leaching is ﬁhree minutes retention in each mixer
with three stages of extraction and two stage stripping.
This shouid be considered.aS;a 'worst case' since the
combination of higher pH and higher temperature results in
higher organic copper loadings and féstef ion exchange
kinetics. The raffinate solution from the SX is at ép-

proximately pH 1.2 and contains about 50 mgpl copper.
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Spent copper electrolyte enters the SX strip at about
30 gpl copper and 160 gpl sulphuric acid. The pregnant
electrolyte leaves the stripping section at about 35 gpl
copper and 152 gpl acid.

The copper electrowinning tankhouse is of conventional
design. About 22 tanks with 22 anodes and 21 cathodes each
are required for a current density of 240A1m2. Three
starting sheet tanks are required unless starting sheets can
be purchased on an economically favourable basis. If
starting sheets are produced, a semi-automatic sheet prepara-
tion device will be required.

Entrainment and carry over of manganous ion containing
NL solution to the copper electrowinning section may require
remedial action. This manganous ion can be oxidized to
permanganate at the anode in the copper electrowinning cell
and the permanganate can, in turn, oxidize the organic
reagents. The normal bleed requirements of the electrolyte
may be sufficient to eliminate this problem, or, a small
amount of iron (about 1 gpl) can be maintained in the

electrolyte to reduce the permanganate to manganous iomn.

~

.26 Iron Oxidation and Neutralization
Solution from copper solvenf extraction at pH 1.2, fer-
rous iron concentration 0.7 gpl, and temperature 40°C is
heated to 65°C in a heat exchanger and introduced to the
iron oxidation tank(s). The oxidants employed are cell-
house sludge, air, and very small additions of fresh man-

ganese dioxideé. A retention time of 1.0 hours is sufficient
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to reduce the ferrous level to less than 15 mgpl. The solu-

tion is then neutralized slowly to between pH 4.0 to 4.5

with gréund limestone to precipitate iron as ferric hydroxide.

Control of basic zinc sulphate formation and limestone
armouring is achieved by slow neutralization over 0.5 to

1.0 hours.

.27 Iron Sludge Thickening

The solution from the iron oxidation and neutralization
step 1s treated with 0.5 mgpl Percol 156 and fed to a 16m

diameter clarifier. The overflow, representing about 87% of

the feed solution, continues to copper-cadmium precipitation

while the underflow is recycled to the neutral leach.

.3 Purification with Zinc Dust, Electrowinning
‘and Casting Section :

'The flowsheet for this section is shown in Drawing
No. 4. Complete mass balances are given in Tables A2-3 and
A2-11 and thermal balances in Tables A2-8 and A2-16 for the

bulk concentrate and tailings refloat plants respectively.

.31 Purifi;ation with Zinc Dust

Cadmium and residual copper are remoyed from the "im-
pure feed" solution at 60-65°C by cementation on zinc dust
(First Stage Purification). Conditions of temperature, zinc
dust addition, pH, and retention time are identical to those
commonly employed in conventional zinc plant practice. This

cementate is separated from the solution in a thickener

TOC
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(gassing on the cementate is minimal due to the low copper
content of the cementate).

‘Cobalt and nickel are removed by antimony activation on
zinc dust at 95°C with a yétentinn time of 3.0 hours (Second
Stagequrification). Tne high cobalt tenor of the solution
necessitates higher than normal zinc dust and antinony tri-
oxide addition (8 gpl and 10 mgpl respectively). Pfovision
is made for recycle of the coérser cementation product at
the end_of the second stage to the first tank of the second
stage to reduce the addition of fresh zinc dust . and antimony
trioxide thereby reducing the recirculating zinc load from
casting. The classification of second stage solids is accom-
plished in a hydrocyclone.

The Third Stage Purification tank is essentially a pump
tank for the filter presses. Minor additions of zinc dust
may be nedessary to control redissolution of cadmium,
cobalt, and antimony in the presses.

The press cake would be recycled to the first stage.
purification to reduce the requirement of fresh zinc dnst
and also to remove a fraétion of the cobalt in this stage,
~simplifying the‘second stage operation. A common exit for
all cementation products exists via the purification thickener
to the cadmium plant. This procedure is presently employed
by Canadian Electrolytic Zinc (patent applied for).

It must be emphasized that this plant design is based
on liquid-atomized zinc dust of average classificaﬁion
20 per cent +100 mesh, 45 per cent -100 to +200 mesh, and

35 per cent -200 mesh. Significant departure from this

rDC
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classification would alter design and zinc dust and antimony

trioxide mass balances.

.32 Electrowinning and Casting

""Neutral feed" solution to the cellhouse contains
150 gpl zinc, <1 mgpl cadmium, <0.2 mgpl copper, cobalt, and
nickel, and <0.02 mgpl antimony. Cellhouse design and
operation is standard, with automatic stripping. Production
of zinc cathode is 285 MTPD. Spent electrolyte bleed to

stripper cells is 100 m3

PD to control magnesium and man-
ganese in the spent electrolyte at 11.5 and 4.3 gpl respec-
tively. Data from a cellhouse operating under similar

conditions in a similar climate (Canadian Electrolytic Zinc)

indicates that 353 TPD water would be evaporated from the

hot spent electrolyte in the cooling towers and vacuum
bodies in order to maintain an average electrolyte tempera-
ture in the cells of 36-40°C.

Zinc casting is conventional with expected dross pro-
duction of 5.7 MTPD contained zinc. The high chloride con-
tent of the dross necessitates recycling to the roaster
after milling as is done in most facilities. Approximately
20 MTPD of zinc dust for use in purification would be pro-
duced using off-spec metal and a coﬁpressed air gun liquid-
atomization technique. The net production of zinc slab is

100,000 STPY (350 days).

A4 Cobélt-Cadmium Plant

The flowsheet for the plant is shown in Drawing No. 5.
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Complete mass balances are given in Tables AZ-4 and A2-12
and thermal balanceé'in Tables A2-8 and A2-16 for the bﬁlk
- and tailings refloat plant respectively.

- Three possible designs for a cobalt-cadmium plant are.
given in the flowsheet. Since no testing was performed on
the solvent extraction or comple#ation models, the mass
balances and economic evaluation wefe performed on a con-
ventional model where the cobalt'reports with the .copper
cake. The purification filter cake is leached in a batch
mode in spent electrolyte and raw acid. The final pH is
adjusted to 4.0. Zinc dust, copper sulphate and arsenic
trioxide are.added to precipitate éobalt to less than
50 mgpl and keep the copper level less than 1 mgpl. The
high temperature of ﬁhe leach solution prevents appreciable
cadmium éementation. The resultant copper cake is removed
in a filter press. Strontium or barium carbbnate is added
to the solution to precipitate lead which is removed by
filtration. Special high grade zinc dust is added to the
acidified filtrate to form cadmium sponge. This sponge
cadmium after washing is either bricketted and cast or

releached and cadmium cathode is electrowon.

.5 Lead-Silver Recovery Plant

The plant flowsheet shown in Drawing No. 6, and the
complete mass balances given in Table A2-5 and A2-13, for
the bulk and tailings refloat concentrates respectively are
based on previous trials carried out by tﬁe St. Joseph Lead

Company (pers. comm).
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The residue from the hot acid leach dissolution of the
ferrite and sphalerite residue, after filtering and washing
is treated by a cold, saturated NaCl—CaCl2 brine leach to
dissolve Fheklead sulphate and silver. The leach pulp 1is
filtered and then the lead and silver in the filtrate are
precipitated wifh lime to form a lead-silver hydroxide
product which is easily separated from the'liquor‘by filt-
ration. The washed cake is then decomposed by calcination
in a rotary kiln at 300-400°C to obtain a lead oxide and
silver product. Approximately 104 STPD of lead oxide .
product assying 83% lead and 66 o0z/ST silver and 42 STPD of
product assayiﬁg - 79% léad and 89 0z/ST silver are recovered
from the bulk éoncentrate and tailings refloat products‘
respectively. Recqveries are 85% silver for bdth_cases and

94% and 92% for lead from the two respective concentrates.

.6 Spent Electrolyte Neutralization

The flowsheet for the plant is shown in Drawing No. 7,
mass bélances are given in Table AZ2-6 and A2-14. The sul-
phate balance in the system is maintained by neutralization
of excess spent électrolyte with limestone resulting in the
precipitation of gypsum. The-procédure and conditions
chosen are similar to those employe& in the fertilizer in-
dustry for the sulphuric acid addition to phosphate rock and
resultant gypsum precipitation. The control of reaétionA
temperature at 25-30°C, retention time at 1.0-2.0 houré; and
pH at 4.5 to 5.2 is essential fgr producing précipitates of

large crYstél size; good filtrability, low moisture. con-
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tents, and low entrained zinc levels.
The limestone must meet the following specifications:-
100 mesh size, <0.30% magnesium, <50 ppm chloride, and <1.0%

iron. The two New Brunswick limestones tested after milling

were well within all specifications. The limestones differed

in the CaCO3 content (92 and 97 per cent) and the siiica
content .(3 and 1 per'centj.

Total limestone consumption in neutralization is 311
and 313 MTPD for the bulk and tailings refloat feed re-
spectively. The gypsum residﬁe.is filtered using a vacuum

2 filtra-

filter. A Bird Prayon filter, model 18B of 44.6m
tion area, is most suited for this application.. The washed
residue would contain 536 TPD.gypsum, 3.2 TPD'zinC,‘and
390 TPD free water. Thé gypsum residue pond (if required)
would be used as a catch and compression basin, surface
water returning to the neutral leach as makeup water.

Two other‘possible.alternativés for treating the spent
electrolyte, by neﬁtralization with lead slag and By decom-

position in an inert fluidized bed roaster, are discussed in

Appendix 5.

5.2 INTEGRATED SULPHATION ROAST-DEAD ROAST PLANT

Thé integfated plant treats feéds of tailings refloat
and zinc middlings products by sulphation roasting and high
gréde zinc concentrate by dead roasting. ‘Combined capacity
is 100,000 STPY of zinc slab combosed of 43,720 STPY from
the sulphation roast feed and 56,280 STPY from the dead

roast feed.

@3
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521 .CharacterizatiOn of the Feeds

The tailings refloat product was discussed in the pre-
vious section; it 1is éssumed that a zinc middling; product
has a similar composition. The assays and mineralogical
composition of both the sulphation roaster and dead roaster

feeds are given in Table 5.

522 General Flowsheet

The plant treats 390 MTPD of tailings refloat and mid-
dlings products and 269 MTPD of high grade zinc concentrate
to produce 100,000 STPY of slab zinc, plus recovered second-
ary metals copper, lead, silver, cobalt and cadmium. The
yearly production and revenue for all recovered metals and
sulphﬁric acid are given in Section 6'(Tables 10 and 12).

The general flowsheet for .the plant is shown in
Drawing No. 8. As in the previous settion, the piant, for
pﬁrposes'of mass balance calculations, is divided into six
sections each of which has a detailed flowsheet. bnly the
roasting and léa;hing sections are changed substantially
from the sulphation rbast plants in the previous section.
Detailed flowsheets_are as follows: |

1. . Roasting (ﬁrawing No. 9).

2. Leach (Drawing No; 10). |

3. Purification and Electrowinning
(Drawing No. 4).

4. Cobalt and Cadmium Plant (Drawing No. 5).
5. Lead-Silver Recovery Plant (Drawing No. 5).

6. Spent Electrolyte-Limestone Neutralization
(Drawing No. 7).

TPC
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TABLE 5 , -

CHEMICAL AND MINERALOGICAL COMPOSITION OF FEED
TO INTEGRATED SULPHATION ROAST-DEAD ROAST PLANT

Sulphation Roast Dead Roast

Tailings Refloat or Zinc Middlings Zinc Concentrate
Chemical Composition Mineralogical Camposition | Chemical Composition Mineralogical Composition

(wt %) (wt %) (wt %) ' (wt %)
zinc = 30.0 sphalerite ((2n,Fe)S) = 50.7 zinc = 56.0 sphalerite ((Zn,Fe)S) = 94.6
lead = 3.6 galena (PbS) = 4.2 lead = 1.20 | galena (PbS) = 1.4
copper = 0.6 chalcopyrite (CuFeSz) = 1.7 coppér = 0.19 chalcopyrite (CuFeSz) = 0.6
iron = 22.0 . pyrite (FeSz) = 37.6 silver = 1.83 o0z/S.T. gangue = <1.0
sulphur = 39.0 gangue = <3.0
silver = 4.4 oz/S.T.
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.1 Roasting Section

The flowshéet of the roasting section is given in
vDrawing No. 9. Complete mass balancés for thé intégrated
piant are given in Tables'A2-17, A2-23 and A2-25. The
thermal balance is given in Table A2-24. | |

Flotation concentrates, tailings refloat and zinc mid-
dlings, containing approximateiy-8% water, are dried =
to 2.5% moisture in. a rotary drum dryer. The dried product
is crushed to 100% -100 mesh prior to roasting. Storage for
dry concentrates is sufficient for 48 hours of operation.

High grade zinc concentrates, as filter cake contain-
ing 8% water are dried to 6% moiéiure, also in a drum dryer.
Storage is provided for 48 hours of roaster opération.

Two Lurgi-type fluid bed roasters are used. Nominal
capacity bf~the sulﬁhation roaster is 390 TPD and 270 TPD
for the dead roaster. In this instance each foaster package

is self—conﬁainéd, each with its own waste heaf boiler and
elecﬁrostatit precipitator. This is neceséary as only the
dust from the sulphation roaster gas cleaning sysﬁem, because
of its reléfively high soluble iron content, need be recycled
to the sulphation roaster. The sﬁlphation roaster is fed with
a slinger belt feeder, and the calcines discharge through a
rotary star valve.td‘a drum rotary cooler and stored in 60

day storage bins. The strong acid leach_filtrate"producted
from the dissolution of both ferrife residues from the sul-

phation roast and dead roast operations is recirculated

TPC
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into the sulphation roaster by using air- operated.spray
guns. -‘Additional guns are provided to spray spént'electro-
lyte, if the thermal capacity of the roaster is such that

the available hot acid leach filtrate is insufficient to

cool the reactor. 4Hydrostatic pressure to the guns is kept

TPC

constant by using constant head tanks above the reactor.

Thermal balance in the sulphation roaster is achieved
only by the use of the hot acid leach filtrate and spent
electrolyte, if the latter is required, while the amount of
heat'rgmoved f?oh the hot gases in thé freeboard section of
reactor is adjusted by the atomization and number of guns in
operation. Overall thermal balance of the roasting éection
is given in Table A2-24. The balance was performed for the
minimum amount of heat to be recovered from the fluidized
bed with no heat recovered in the freeboard. Latent heat
from the off-gases is fecovered in the waste heat boilers.,

The solid-gas separation system for the sulphation
roaster package is basically the same as described prev-
iously for the bulk concentrate and tailings refloat sul-
phation roast plént. 'Mass balances for the gas-solid
separation are given 1in Table A2-25.

The dead roasting plant is entirely conventional with
a nominal capacity of 270 MTPD. The reactor is fed by means
of a slinger belt-type feeder, while calcines discharge
through a star rotary valve fo a rotary drum cooler.

Calcines are stored in 60-day storage bins.
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The reactor is cooled in the reaction zone by water
coils, while the hot gases (930°C) enter a waste heat boiler
with a radiation and a convection zone. The waste heat
boiler also recovers about 55% of the dust carryover. Gases
leaving the waste heat boiler at 350°C are further cleaned
in a>dry cyclone, which collects 24% of the elutriated cal-
cines and finally in an electrostatic precipitator, collect-
ing 6% of the total elutriated calcines. Overall solid-gas
collection efficiency is 99.5%. The thermal balance in the
roaster is given in Table A2-24, while the mass balance for
the gas-solid separation system is given in Table A2-25.

Clean gases from both roaster systems are further
cleaned in a venturi scrubber, as described previously,
prior to going to the sulphuric acid plant.

The reactor parameters and operation conditions for
both the sulphation roasting and dead roasting plants are

given in Table 6.

TABLE 6
REACTOR PARAMETERS AND OPERATING CONDITIONS FOR THE
ROASTING SECTION OF THE INTEGRATED SR-DR PLANT

Sulphation Roast Dead Roast

Nominal capacity (MTPD) 390 270
Reactor bed diameter (m) : 10.9 6.4
Fluidized bed level (m) 1.5 1.5
Feed rate (MT/mZ-day) 4.1 8.4
Roasting temperature (°C) 685 930
Air factor (-) 1.8 1.3
Solid retention time (hrs) 5.5 4.5
Air velocity (at temp. T) (cm/sec) 75.0 185.0
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.2 Leaching Section

The flowsheet for the section is shown in Drawing No. 10,
while mass and thermal balances are given in Tables A2-18 and

A2-24.

.21 Dilute Acid "Neutral' Leaching

The sulphation roast and dead roast calcines are leached
together under the same conditioné as described previously
for the sulphation_roastlcalcine alone. The ambient leach
temperature has been calculated to be 70°C assuming no con-
ductive or convective heat losses. Actual plant operation
would be designed to minimize these losses as low copper con-
fent'excludes considerafion-of copper Solvent.extraction for |
this plant. It is expected that a leach temperatufe of 55-65°C
could be maihtained_without external heating. Oxidant is
added diréctly to the neutral leach in order to keep dissolved
iron levels below 15 mgpl in the solution to the thickener.
It is planned to use air (from air 1lifts and sparging) and
potassium permanganate as oxidants. The leach solution
typically contains 148 gpl zinc, 1.1 gpl copper, and <15 mgpl

iron.

.22 Neutral Leach Pulp Dewatering

The NL residue is thickened in a 36m diameter thick-
ener (based on unflocculated pulp tests). The thickener
underflow exits at about 30% solids and is pumped to vacuum

2

drum filters with a total filtration érea of 585m“ for further

dewatering. Thickener overflow and filtrate are combined and

rpc are pumped to purification.

J
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.23 Hot Strong Acid Leaching

A Since ferrite and sphalerite'from both calcines are
leached together in this operation and the resultant solu-
tion must be fecycled entirely to the sulphation roaster,
control of leume to insure autothermal roaster operation
necessitatesld Teach 1iquor of higher diénic strength than
for the sulphation rdast case alone. Accordingly, fresh
water is used as makeup and volume control instead of spent
electrolyte in order to keep the .zinc and sulphate level in
the leach liquor below the satﬁratiOn point. Acid concen-
tration is maintained, as before, with concentiated sul-
phuric acid. Leaching parameters and extractions remain
unchanged but the resultant leach liquor composition will be
.-about 175 gpl iron, 110 gpl zinc, 4 gpl copper, and 8 gpl

arsenic.

.24 Hot Acid Leach Pulp Dewatering

The HAL pulp is filtered and washed in plate and frame

presses with an effective area of about 73m2.

The filtrate
is returned to the roaster while the residue, which is free
of soluble sulphates, is suitable for brine leaching for

lead recovery, or for disposal.

.3 Purification with Zinc Dust, Electrowinning
and Cdsting

The flowsheet for the section is given in Drawing No. 4.

Mass and thérmal balances are given in Tables A2-19 and AZ-

24,

rpc
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The proposed flowsheet and operational parameters are
identical to the sulphation roast case. Differences occur
however in the copper, cadmium and cobalt mass balances.

The copper is removed from solution by cementation on zinc
dust, either together with the cadmium as shown in the flow-
sheet, or as~a separate product (>80% copper, <2%.cadmium,
5-20% zinc) to be cemented by stoichiometric zinc dust
addition prior to cadmium cementation. Cobalt cementation
will not be as difficult for the integrated plant, however,
due to the lower cobalt concentration in the solution (40
versus 80 mgpl).

A spent electrolyte bleed of 70 mSPD is necessary to
control the magnesium and manganese in the spent electrolyte

at 8.1 and 8.8 gpl respectively.

.4 Cobalt-Cadmium Plant

-

The proposed flowsheet (Drawing No. 5) and operational
parameters are identical to the sulphation roast case. Mass
and thermal balances are in Tables A2-20 and A2-24. The
tonnage of copper cake is much larger than in the sulphation
roast plant as all the copper in the leach solution reports

in this product for sale to a copper smelter.

.5 Lead-Silver Recovery Plant

The plant is identical to the one discussed for the
bulk concentrate or tailings refloat product, and is de-

picted in Drawing No. 6. The mass balance for the inte-

grated plant is given in Table A2-21.
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Approximately 25 STPD of lead oxide product, 71% lead
- and 81 o0z/ST silver, is produced with recoveries of 93% for

lead and 85%kfof silver.

.6 Spent Electrolyte Neutralization

Flowsheet of the plant'is'given in’Drawing No. 7,‘while
‘mass balances are given in Table A2-22.

| The increased consumption of spenf_eléctrolyte in the
neutral leach due to the zinc oxide present in the calcine
from the dead_roast,Asignificantiy reduces the amount of
spent electrolyte to be neutralized. Limestdne,consumption
is reddced to 166 MTPD'résulting in a residue after filt-
ration of 287 TPD gypsum, 1.7 TPD zinc, and 269 TPD free
water. A BirduPrayonvfilter,'model 12C of 250 sq.ft.

- filtration area would be sufficient for this application.

5.3 ENVIRONMENTAL CONSIDERATIONS

531 Gaseous Process Effluent

Sulphur dioxide off-gas‘from:the roaéting operations
is converted into sulphuric acid in a high efficiency
double catalysis sulphufic acid plant. bustﬂemissions are
controlled by baghouse‘dust'contrbl systems at'vérious
material handling transfer points, from pneumatic conveying
systems, from césting, melting, zinc dust. and dross grinding

operations and from rotary dryer exhausts.

rpc
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532 Solid Process Effluent

The zinc plant solid process residues are:

1. Gypsum filter cake from spent electolyte neutrali-
zation.

2. Hematite filter cake from brine leach plant.
The gypsum residue contains approximately 40 percent by

weight free water and less than 0.6 per cent zinc as sul-

‘phate. Although, the gypsum itself is a stable, environ-

mentally acceptable residue, the inclusion of zinc may
necessitate ponding of the residue (cost included under
services in the economic analyses). The gypsum pond would
probably be designed as a storm water pond to provide
deionized process makeup water. Some of the zinc in the
gypsum residue would therefore return to the process.

The hematite residue contains only gypsum at 5-10%,
NaCl and CaCl2 plus trace quantities of zinc, copper and
lead as contaminants. It is expected that moisture contents
of less than 15% will be achieved for this residue. Disposal
of this stable dry filter cake on a dump should provide no
difficulties. A cost for ponding and pond effluent treat-
ment has been included in the economic analyses in case
unforeseen problems are evidenced in the brine leach test

program.

533 Liquid Process Effluent

The zinc plant liquid process effluents are:
1. Weak acid from acid plant

2. Spent zinc electrolyte bleed from cellhouse
(electrolytically stripped to 10 gpl zinc)
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3. Blowdowns from waste heat and direct fired boilers
and service cooling towers. .

4. Feed water demineralizer regenération effluent.

It is proposed to neutralize the effluents and chemi-
cally treat them to precipitéte heavy metal contaminants.
The effluent water would be separated from the precipitated
solids by clarification and filtration, producing a waste
solid filter cake. The filtrate may be suitable forvuse as
makeup water after: ion exchange for halide removal. " Costs
for these operations also included under services in the

economic analyses.

rpce
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6.0 ECONOMIC EVALUATION

6.1 CAPITAL COSTS

Capital costs for sulphation roast plants, which would
produce 100,000 STPY slab zinc, based on two feeds, 844 MTPD
bulk concentrate and 900 MTPD tailings refloat, are summar-
ized in Table 7. Also shown are costs for an integrated
sulphation roast-dead roast plant, with the same zinc out-
put, using 390 MTPD combined tailings refloat and zinc mid-
dlings products plus 269 MTPD of zinc concentrate. The cap-
ital costs for a conventional dead roast zinc plant, which
would treat 52% zinc -concentrates, are also shown for com-
parative purposes.

Information on costs for individual packages within a
conventional dead roast plant, i.e. roaster séction, acid
plant, leach-purification-cadmium recovery section and
electrolysis section were readily available from a number of
sources including equipment manufacturers and industry, and
the overall cost estimate for this plant is considered to be
accurate to -10% to +20%.

With the exception of the lead/silver and copper
recovery section, the components of the sulphation roast
plant are similar to those of a conveﬁtional dead roast
plant. Hence, costing of the sulphation roast plants were
made relative to dead roast plant costs. Additional cost
details are given in Appendix A7 and a summary of section

costs is given in the following sub-sections.



TABLE 7

CAPITAIL COSTS
MID 1978 DOLLARS ($,000,000)

odux

prt - SR SR SR/DRYT
(Bulk) (Tailings Refloat)
ZINC PLANT
1. Roasting Section o 20.76 29.18 30.79 24.89
(incl. feed prep., conc.
‘and calcine handling)
2. Acid Plant . | 11.52  17.37 © 18.76 15.57
(incl. gas cleaning and
acid storage)
3. Leach-Purification 21. 25 17.38 17.38  16.42
Cadmium Recovery oo
. - ' o
4, Electrolysis, Melting 32.78 32.78 - 32.78 32.78
and Casting -
5. Neutralization : - ‘ 3.40 3,40 2.25
6. Auxiliary Facilities 3.75 3.75 3.75 3.75
7. Services 16. 42 18.42 18.57 17.42
Direct Zinc Plant Cost 106.48 - 122.28 125.42 113.08
COPPER SX-ELECTROWIN. PLANT :
(Turnkey Cost) , : - 3.27 3.27 -
LEAD/SILVER RECOVERY PLANT ]
(Turnkey Cost) - 5.31 2.88 1.88




Fg : _ TABLE 7 (Cont'd)
(8]
CAPITAL COST
6 MID 1978 DOLLARS ($,000,000)
(cont'd)
prY SR SR Sr/DRTT
(Bulk) (Tailings Refloat)

INDIRECT COSTS

1. Engineering 12.78 14.67 15.05 13.57
(12% Direct Zinc Plant Cost)
2. Contingencies 10.65 12.23 12.54 11.31
(10% Direct Zine Plant Cost)
%¥3. Miscellaneous 5.00 5.00 5.00 5.00
(incl. Start-up training, etc.)
*4. Licences and Ro-yalties 1.20 1.20 1.20 1.20 o
S. Pilot Plant and Feasibility Study - 4.00 4.00 4.00
WORKING CAPITAL 7.45 8.31 8.07 . 7.64
TOTAL CAPITAL 143.56 176. 27 177.43 157.68
* Non depreciable items
SR = Sulphation Roast
+ DR = Conventional Dead Roast (52% Zn Conc.)
DR = Conventional Dead Roast (56% Zn Conc.)
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611 Roasting Section

The principal items in the roasting section are the
Lurgi roaStér package supplied complete with éyclones,
elecfrostatic precipitator, feeding system, etc. (see
Table'A7~l) and the waste heat boilers. Each plant is
equipped with two.roasters and two waste heat boilers.

Figure 5 shows the relationship between roaster capa-
city and reactor hearth area for sulphation roasters for
design data derived in the mini;pilot trials. Also shown,
for comparative purposes, is the similar relationship for
zinc dead roasters from infqrmation supplied by Lurgi. It
can be seen from these curves that in the range of interest,
390 to 450 MTPD, on fherbasis of our trial data the hearth
area of the required sulphation roaster would be approxi-
mately twice that of a dead roaster of similar feed capécity.
Information relating the installed cost of a conventional
roaster to hearth area is given in Appendix 7 (Figure A7-1).
An allowance (+15%) in capital cost was made for -additional
features associated with a sulphation reactor.

It must be stressed that the data derived from the
mini-pilot trials were used for reactof scale-up purﬁoSesu
This is perhaps too conservative in that it might be ex-
pected that a full scale plant would operate at lower retention
time and lower air ratio than experienced in the small scale
reactor. A 10% reduction in just these two variables would
result in a shift of the capacity versus hearth area curve

to the projected position shown on Figure 5. With these

TPC
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design criteria, the roaster hearth areé would be decreased
by 26% and the capital cost of.the roasters by approximately
285, | | |

The waste heat boilers employed are Foster-Wheeler Ltd.
forced circulation units with a gas-tight water-cooled
"Monowall" casing. Although expensive'($1.4 million per un-
insﬁalled unit with 31,400 tph steam rate), the ambrfized
cost is returnéd in recoverable process steam for use in the
leaching section.

There is provision in the costing for drying of the
sulphation roaster feed from 8% moisture to 2.5%. The dry
concentrafe is then crushed td'minus'100 mesh. This pre-
treatment stage was inserted'as a conseyvative precaution to
avoid possibleragglomerétes coarser than 100 mesh, which
could enhance ferrite formation. However, in the.pilot
trials, the minus 100 mesh dry feed disintegrates to finér
particles in thevcalcine, and hence iittle agglomeration
should be experienced in a commerciallreactor by injécting
feed with 8% moisture directly into the roaster. Although
there is sufficient thermal éapacity within the roastér fo
‘héndle this moisture, some lowering of the offfgas‘tempera-
ture may occur. A lower off-gas temperature would result in
less steam recdvery from the waste heat boiler. Elimination
of the pretreatment stage would lower the capital cost of
the roasting section by épproximately 0.75 million dollars
for the two sulphation plants and by approximately 0.5 million
for the integrated plant. '

If the above changes from the scale-up provisions can

:‘Pc be incorporated in a full scale plant the capital cost of
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the roasting sections shown in Table 7 can be reduced by
more than 20% for the two sulphation plants and by more than

10% in the case of the integrated plant.

612 Acid Plant

Costs for this section are based on a double catalysis
process. The higher capital costs for the acid plants
associated with sulphation roasters reflects the higher acid
production and lower SO2 gas concentrations, 4.42%, 5.18%
and 7.41%, for the sulphation roast of the bulk concentrate,
tailings refloat product and integrated plants, respectively,
compared with the dead roast plant which has an SO, off-gas
concentration exceeding 9%. These SO2 concentrations, which
are used to calculate the cgpital costs of the respective
sulphation roast plants shown in Table 7, are based on the
roasting variables established in the mini-pilot trials. As
the strength of the SO, off-gas is a direct function of the
air ratio employed in the roaster, the air factor is often
controlled to purposely low levels to increase the concen-
tration of S0, in the off-gas. This facilitates greater
efficiency and reduced capital and operating costs in the
acid plant. As stated earlier, it is most likely that a
commercial zinc sulphation roaster QOuld be run at a con-
siderably lower air ratio (Q) than that employed in the
mini-pilot trials. A reduction of Q from 1.8 to 1.6, for
example, would decrease the capital cost of the acid plants

associated with the sulphation roasters by 7 to 9%. As the

»e
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SO2 gas from the integrated plant is of relatively high
concentration, the cost reduction gained by a reduced air

factor is less significant.

613 Leach-Purification-Cadmium Recovery Section

The Qverali costs of this section for each of the
sulphation plants and integfated plants 1is significahtly
reduced in combarison to a conventional dead roast'zinc’
plant. This is principally a result of the elimination of
the Jarosite circuit (Table A7-2). However, the neutral
leach and settling stage is considerably more capital in-

tensive for each of the plants relative to a dead roast

plant. This results from increased capital costs for filtérs.

The:strong aCid leach stage is simpler than for a dead roast
blant, particularly for the integrated plant, thus, less
capital is required. '

The cadmium recovery plaﬁt is substantially the same as
in a conventional zinc plant and the cost is of the same

magnitude.

614 Zinc Electrolysis, Melting and Casting

Capital costé for this-section.are the same as for a
conventional electrolytic zinc plant. Included are auto-
matic cathode stripping machines, solution cooling and
storage facilities, electrode preparation equipment, aﬁd

melting and casting facilities.

TPC
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615 Neutralization

Scale-up design and costing information was obtained

from the fertilizer industry and major equipment suppliers.

616 Auxiliary Facilities

Capital costs shown in Table 7 cover building and
equipment costs for offices, warehouses, laboratory, garage,
maintenance shop, change house, and storage facilities for

reagent and operating supplies.

617 Services

This section includes site preparation, water supply
system including yard plumbing and in-plant piping, acid
plant cooling system, sewage treatment facilities, effluent
treatment and ponding, power supply, steam plant, mobile

equipment, and fuel storage facilities.

618 Copper Solvent Extraction-Electrowinning Plant

Plant costs as shown in Table 7 are for a turnkey
Holmes and Narver package plant (working capital excluded)
employing low-profile mixer settlers. The pH of leach
solutions is higher than in solutions from heap leaching,
and the temperature is also higher. Higher copper loadings
in the organic phase are possible at the higher pH and the
kinetics of extraction also appear to be faster. The latter
could lower the capital cost of the solvent extraction

section by allowing shorter retention times and/or two

e
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extraction mixer settlers rather than the usual three, since

the section cost was based on heap leach solution performance.

Copper SX-electrowinning was incorporated in the two
sulphation plants but not in the integratéd plants where the
copper is less and_the capital cost might not be warranted.
Although a conventional copper cementation process has been
incorporated in this plant based on capital considerations,
a careful assessment of the overall cost/benefit of the two

copper recovery approaches for this plant is recommended.

"For example, without the solvent extraction stage, require-

ments for high cost oxidants to control iron in solution are

increased (see Table A7-5). This, and other possible

_operating advantages, might offset the apparent disadvantages

from the stand point of capital.

619 Lead-Silver Recovery Plant

-

The plant costs shown in Table 7 were determined from
estimates given by equipment manufacturers and published
data for the component parts of the plant shown in Drawing
No. 6. This brine leach plant would treat 439 STPD of dry
HAL leach residue assaying approximately 21% lead and
18.63 0z/ST silver and recover 104.27 STPD of lead oxide
product assaying 82.87% lead and 66.31 0z/ST:silver. The
estimate of $S.31 million is similar to the updéted estimate
by Battelle (2.19 million; 1957 dollars) for a similar .
product (420 TPD; 21. 6% Pb) based on the St. Joseph Lead

Company brine leach pilot test work.
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620 Working Capital

Working capital consists of accounts receivable such as
stockpiled concentrate, metals within the plant, in calcine,
leaching solution, etc., and product inventory and product

accounts receivable,

6.2 SUMMARY OF CAPITAL COSTS

The similarity of the sulphation roast plants to a con-
ventional dead roast plant greatly simplifies cost estimates
for such plants relative to a dead roast electrolytic zinc
plant. As such there is more confidence in the accuracy of
the capital cost -estimates than would otherwise be possible
at this stage in the development of the process. The capital
costs presented in Table 7 are most probably accurate within
+25% in mid 1978, Canadian dollars. No provision is madé
for escalation or interest charges during the construction

period.

6.3 DIRECT OPERATING COSTS

A summary of operating costs for all plants is shown in

Table 8, additional details are given in Appendix A7.

631 Labour

The total number of jobs 1is estiﬁated at 449 for the
two sulphation roast plants and 438 jobs for the integrated
sulphation roast-dead roast plant, compared with 398 jobs

for a conventional dead roast zinc plant. The overall



TABLE 7
SUMMARY OF OPERATING COSTS
($,000/YR)
DR | SR SR
(Bulk) (Tailings
: Refloat)
1. Labdur _ j ' 7,496 8,457 8,457
2. Power | | 7,274 7,477 7,472
3. Reagents : | - 1,313 3,763 3,488 |
4. Operating & Maintenance |
Supplies
Zinc Plant 2,943 3,003 3,003
Copper Planf - 108 | 108
Lead/Silver Plant ‘ o .- 175 95
5. Maintenance Capital Expenditures . 800 1,000 1,000
6. Fuel (Bunker 'C' and Propane) 1,067 1,263 1,152
7. Taxes and Insurance* 863 1,074 1,084
DIRECT OPERATING COSTS- 21,756 26,320 25,859
* Municipal, Provincial & Business Tax = $3.7623/100 (buildings

and land = 15% of depreciable capital)

pC
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8,249

7,325
2,659

2,973
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average cost including basic salaries for operating, main-
tenance, staff and administration personnel, plus fringe
benefits is §$18,834 per job in mid 1978 dollars. The labour

distribution is shown in Table A7-3.

632 Power
The electrical energy requirements for various plant

operations are given in Table A7-4. Total requirements on
a kwhr per metric ton of zinc basis are 4417, and 4414 for
the bulk and tailings refloat products and 4327 for the
integrated plant. These compare with 4297 kwhr/MT of zinc
for a conventional dead roast plant. The mid 1978 cost for
Class IV power intensive industries in New Brunswick is

$0.01866/kwhr,

633 Reagents

The total cost of reagents is shown in Table 8 with
details given in Table A7-5. Major additional costs for the
sulphation plants relative to those of a conventional zinc
plant are limestone for spent electrolyte neutralization and
lime, sodium chloride and calcium chloride, for the brine
leach recovery of lead and silver. These higher costs are
offset somewhat by the elimination of the Jarosite precip-
itation agent and in the case of the two sulphation roast
plants almost total elimination of the cost of iron oxidants
(potassium permanganate and manganese dioxide). Potassium
permanganate is still required for the integrated plant un-

less solvent extraction is used for copper recovery.
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634 Operating and Maintenance Supplies

This item includes all consumable supplies for complete

plant operation. .

635 Maintenance Capital Expenditures

This is an allowance for '"'non-consumable'" materials re-

quired in maintenance.

636 Fuel
The cosf of fuel shown in Table 7 includes the cost for
Bunker "C" (No. 6 fuel oil), propane and gasoline. Bunker
"C" is used in direct fired boilers and in the roaster plant
where it may be replaced by No. 2 fuel oil. Propane is used
for process heating, principally in the casting plant and
for the start up of the direct fired steam boilers and
roasters, and for cellhouée heating.
Fuel requirements fof a 100,600 STPY conventional zinc
plant are approximately 1.09 million gallons of Bunker C,
820,000 gals of propane, and 200,000 gallons of gasoliné per
year. Bunker C requirements are approximately 30% higher
fdr the bulk concentrate suiphation plént and 8% higher for
the tailings refloat planf. Fuel o0il requirements are 42%
lower for the integréted plant relative to a dead roast
plant. Propane and gasoline requirements are an estimated
% more for all three proposed plénts relative to a dead
roast plant. Details on fuel requirements  are given in
Table A7-6. |

The waste heat boilers recover 75%, 80% and 85% of the
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process heat requirements for the total hydrometallurgy
section (leach-purification-electrowinning) for the two
sulphation plants and the integrated plants respectively.

These compare with 75% for a convention dead roast plant.

637 Taxes and Insurance

Municipal, provincial and business tax in New Brunswick
is approximately $3.76 per $100 of assessment on buildings
and land. Insurance is approximately 0.1% of depreciable

capital.

6.4 DEPRECIATION

Depreciation for all plants is based on a 1l5-year

straight line write-off of depreciable capital.

6.5 PAYMENT FOR CONCENTRATES

Guidelines for payment of concentrates were established
by CANMET, and were stated as; ''the concentrate (whatever
its composition) shall be costed at 30% of the value of its
contained zinc, lead, copper and silver where these elements
have the following values: Zn-$0.32/1b; Pb-$0.32/1b; Cu-
$0.62/1b and Ag-$5.40/ tr. oz'. The bulk concentrate contains
32% Zn, 10% Pb, 0.7% Cu, and 300 ppm Ag (8.8 0z/ST) and
hence would have a value of $97.50 per short ton. The
tailings refloat product containing 30% Zn, 3.6% Pb, 0.6% Cu
and 150 ppm Ag (4.4 o0z/ST) at 30% of gross value would be
credited with §73.87 per short ton. 30% of gross value is

an acceptable, and possibly high, payment for a true tail-
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ings refloat or middlings product which might be‘produced as
a scavenger concentrate in addition to regular. concentrates
of zinc, copper and lead. However, 30% of value for a trﬁe
bulk, i.e. one in which all of ‘the recoverable metals report,
would appear to be too low. Table 9 shows the composition of
32% zinc bulk concentrates which would be produced from the
two producing mines, Brunswick and Heath Steele, and a poten-
tial producer, Anaconda Caribou. Recoveries 6f metals in
these bulks are 95% Zn, 70% Pb, 70% Cu and 70% Ag*. At 30%
of gross value, payment on a per ton ore basié would be $25.58,
$15.85 and $13.62 respectively for bulk concentrates from
Brunswick, Heath Steele and Anaconda. The differences are
due largely to considerably higher zinc content in the Bruns-
wick ore, approximately twice the grade of the Heath Steele
or Anaconda ore. This is reflected in the much higher con-
centration ratios, i.e. number of tons of ore required per
ton of bulk concentrate, for Heath Steele and Anacond;ﬁ
relative to Brunswick ore. The 30% value for payment assigned
by CANMET appears to have been arrived at from the Brunswick
ore, for which a 304 payment for bulk, which is equivalent to
$25.58 per ton of ore, cOuid be sufficient to return a profit
to the mine-mill operation. However, from consideration of
possible present net smelter returns tb Heath Steele and the

"estimated break-even point for Anaconda, of approximately $21

and $20 per ton or ore respectively, it is clear that returns of

$15.85 and $13.62 per ton of ore respectively, would not be

sufficient, even considering a possible cost benefit which might

TPC* see p. 20




TABLE 9

VALUE OF BULK CONCENTRATES

Brunswick Heath Steele Anaconda
Z Ibs Metal  Full Value Z 1bs Metal Full Value Z 1bs Metal Full Value

zine 32.00 640.0 . $204. 80 32.00 . 640.0 $204.80 32.00 640.0 $204.80
lead 9.50 190.0 60.80 10.00 200.0 64.00 8.95 179.0 57.28
copper 0.77 15.4 9.55 4.27 85.4 52.95 2.47 49.4 30.63
sllver 7.16 oz/ton 38. 66 10.66 oz/ton 57.56 9.00 oz/ton 48. 60

$313.81 $379.31 ) $341.31
30% of full metal value $ 94.14 . $113.79 $102.39
Concentration Ratio 3.681 7.182 7.519
(ton ore/ton bulk)
Payment per ton or ore, $ 25.58 $ 15.85 $ 13.62

(bulk at .30% of full value)

Smelter pafment per ton - ‘ $§ 20.86% ‘ $ 2O.OOT
of ore, conventional conc.

True Value/ton Bulk conc. - . 5149.82 $150.38
% of Full Value - 39.5 44,1

* from estimated net smelter returns.
T break-even estimate based on projected mining and milling costs.
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accrue from simplified flotation. {twﬁauld.appearethat-payment for
true bulk concentrate must be at a higher rate than 30% of
full value. For this reason the economic evaluation of the
bulk concentrate was carried out at payments of 35% and
40% in addiﬁion to 30%, so that the effect of escalated pay-
ment for concentrates can be assessed. |

Evaluation using the tailings refloat product was at
30% of full value, which is reasonable for a middlings pfo-
duct. For comparison, an evaluation at 40% of value is also
included. Total yearly payment for bulk and tailings refloat
cbncentrates at varying percentages of full metal #alue and
at zinc prices of $0.24/1b; $0.32/1b and $0.40/1b are
summarized in Table 13.

Three types of feed are utilized in the integrated
'sulphation roast plant. The dead roast utilizes 269 MTPD
of high grade zinc concentrate (56% zinc) and the sulphation
roaster uses approximately 218 MTPD of a tailings refloat
product (2nd stage cleaning, 30% Zn, 3.6% Pb, 0.6% Cu and
4.4 0z/ST Ag) plus 172 MTPD of middlings product of similar
‘metal content to the failings refloat product. Such a
middlings product would be readily available, for example,
from existing zinc flotation circuifs if zinc concentratés
of a grade higher than presently achieved are produced from
upgrading from 52% to 56% zinc, or in part from a dezincing
concentrate from the lead-copper circuit.

| Payment for the 56% zinc concentrate is based on esti-

mated net smelter returns from foreign smelters (Table A7-7).

rPC
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Payment for the 30% zinc tailings refloat product (50% zinc
recovery from tailings) is assigned on the basis of present
payment for a 50% zinc concentrate (30% zinc recovery from
tailings) as described in Appendix A7. Payment for the
middlings product is at 30% of full metal value; this pay-
ment correlates well with the value which would be received
for this product taken to a 52% zinc concentrate,

On the basis of $0.32/1b for zinc, the 56% zinc concen-
trate has a value of $§164.78/ST, the tailings refloat pro-
duct $55.42/ST and the middlings at §73.87/ST. Payment per
ton of various zinc concentrates at varying zinc prices are
given in Table A7-8. Total yearly payment for concentrates
consumed by the integrated sulphation roast-dead roast plant

at three price levels for zinc are summarized in Table 13.

6.6. REVENUE

The quantities of metals, as pure metal, lead oxide
concentrate, cement copper, and sulphuric acid are shown in
Table 10. Recoveries for each metal are shown in Table 11.
Revenues for each product including zinc at $0.32/1b are
shown in Table 12. Copper as cement copper is assigned 65%
of market price; lead and silver afe considered sold to the
Belledune Lead smelter as per Smeltér schedules given in
Table A7-7. Although consideration in this report is for
brine leaching of the HAL residue to produce a high grade
lead oxide product, the residue from the bulk concentrate

product, as is, or with relatively little upgrading could be

sold to the Belledune smelter. The HAL residue from bulk
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TABLE 10

PRODUCTS

(350 op. days/yr)

1. Zinc slab (STPY)

2. Copper
- 1) Electrolytic (STPY)
ii) Cement (STPY)

Cadmium (STPY)

Lead (STPY)
5. Silver (Troy oz/yr)
6. Sulphuric Acid (STPY)

Zinc
Copper
Cadmium
Lead

*Silver

DR SR

(Bulk)
100,000 100,000
- 2,149
269% -
143 - 204
2,429t 30,2421

259,312t 2,419,581 -

159,834 *** 204,772

TABLE 11

RECOVERIES
s
DR SR
(Bulk)
95.0 96.0
70.0 - 97.5
<60.0 89.6
100. 0%* 93.91
70.0 85.0

SR

(Tailings
Refloat)

100,000

2,029

204
11,421
1,291,100

2

265,496

SR

(Tailings
Refloat)

96.0
97.5
89.6
91.8
85.0

2

“ % 202,429 STPY concentrate @ 0.19% Cu (Boorman 1975), 70/ recovery

remainder lost to jarosite

SR/DR

100,000

1,080

151

6,1247

698,119
249,668

SR/DR

97.0
97.5
60.6
92.5
85.0

+ 202,429 STPY concentrate @ 1.2% Pb + 1.83 o0z /ST Agv(Bodrman 1975) assume
100% recovery of lead as residue (8376 Tons @ 29% Pb), 70% recovery of silver,

*% recovered as resldue (297 Pb)

1 as lead oxide product (87.87%
2 17" 11 Hi " (78 71/

3 1"t " " 1"

Pb; 66 0z/S.T. Ag) - 94.59 MTPD
Pb; 89 0z/S.T. Ag) - 37.61 MTPD

(71.31% Pb; 81 0z/S.T. Ag) - 22.26 MTPD '

***% net quantity for sale, remainder used in leaching calcine

3




1. Zine (slab)

2. Copper
i) Electrolytic
ii) Cement

3. Cadmium

4, Lead

5. Silvef

6. Sulphuric Acid

TOTAL

TPC
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TABLE 12
REVENUE
($,000)/yr
DR SR
(Bulk)
64,000 64,000
- 2,665
217 -
645 920
711 12,981
1,293 12,069
2,398 3,072

$69, 264 $95,707

Unit Prices

SR
(Tailings
Refloat)

64,000

2,516

920
4,861
6,439

3,982

$82,718

Zinec $ 0.32/1b
Copper $ 0.62/1b
Cadmium § 2.25/1b
Lead $ 0.32/1b
Silver $ 5.40/Tr. oz.

Sulphuric Acid $15.00/S.T.

SR/DR

64,000
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concentrate contains 21.8% Pb as lead'sulphate and 19.4 oz/T
- Ag and is not unlike a lead sulphate product (23% Pb;
23 oz/ton Ag) from Australia which is presently being pur-
chased by the Belledune Lead Smelter. However, some up-
grading, possibly via flotation,.of the sulphation roast
plant product would be required to reduce the amount of
hematite. A more. important consideration, however, is the
finite amount of low grade material that the lead smelter
couldvhandle, and hence the decision to incorporate brine
leaching to upgrade the lead product. Although the Belledune
Lead Smelter could possibly handle the 36,500 short tons per
year of high grade lead oxide product which would be generated
from a bulk concentfate, their requirements for a ldwer
grade sulphate product would be considerably iower. The
‘difficulty would then be in selling the remainder to other-
smelters‘and absorbing high freight costs for the low grade
product. |
In addition to gradé considerations, lead oxide is also
a more desirable feed to the sinter machine than lead
sulphate_would_be in assisting the thermal balance in the
lead smelter. | | /
Sulphuric acid is given a nominal f.o.b. Bathurst
selling price.of $15.00/ST. |

Summaries of total revenue for each plant at three

prices for zinc are given in Table 13.




D CLE

Revenue
Zinc Price (§/1b)

0.24
0.32
0.40

Direct Operating Cost
Depreciation*

Cost of Concentrates
Zine Price (§/1b)

0.24
6.32
0.40

Profit (before tax)
Zinc Price (§$/1b)

0.24
0.32
0.40

Total Capital Investment

Returm on Investment
(before tax)
Zinc Price (§/1b)

0.24
0.32
0.40

* 15 year straight line

DR

53,449
69,449
85,449

21,756
8,661

22,008
30,559
39,109

1,024
8,473
15,923

143,560

0.71
5.90
11.09

304

26,745
31,746
36,748

15,858
26,857
37,855

9.00
15.24
21.46

TABLE 13

ECONOMIC SUMMARY
($,000/YR)

SR
(Bulk)

79,707
95,707
111,707

26,320
10,784

SR

(Tailings Refl.)

66,718
82,718
98,718

25,859
10,877

Percentage of Total Metal Value as Payment

35%

31,203
37,037
42,872

11,400
21,566
31,731

176,270

6.47
12.23
18.00

407

35,660
42,329

48,997

6,943
16,274
25,606

3.94
9.23
14.53

30%

20,656

25,657
30,658

9,324
20,323
31,322

5.25
11.45
17.65

177,430

2,439
11,771
21,103

1.37
6.63
11.89

SR/DR

59,337
75,337
91,337

24,034
9,589

19,720
26,629
33,539

5,994
15,085
24,175

157,680

3.80
9.57
15.33

10T
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6.7. PROFIT AND RETURN ON INVESTMENT BEFORE TAXES
' Profit before taxes is defined as follows:
Profit = Revenue - (Direct Operating Costs + Depreciation).
Return on Investment (R.0.I.) before taxes is cal;
culated as follows:
R.0.I. = Profit/Total Capital Investment,
where total capital investment includes fixed and working
capital.

Summaries of profit and return on investment at varying

zinc price and payment for concentrates are given in Table 13.

This data is also plotted on Figures 6 to 12 as are data for
the pressure leach orocess andla conventional dead roast
plant.

The_pressure leach data was obtained from Sherritt
Gordon summary reports dated Januar? 24, 1978 and March'22,
1978. All capital and operating costs and revenue given in
these reports were takén as given without cfitical analysis,
as sufficient details were not provided. However, fof
comparison purposes their capital costs were escalated by
4.3% (9 months) from second half 1977 to mid 1978 (Table A7-
- 9). Their labour rates were raised to the $18,843/j0b
level, the cost»of electric power was raised from §$0.0143 to
$0.01866/ kwh, and their cost for Bunker C was decreased
from $0.54 to $0.45/Imperial gallon, the same basis as that
for the various roast plants. Data on capital and operating
oosts and an economic summary for the Sherritt Gordon Process
are given in Tables A7-9 to A7-11. | |

The pressure leach process, when applied to bulk con-

:?33@ centrates, consumes 112,000 tons/year of sulphorlc acid.
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"Black acid" is specified, and it appears that the bulk of
the requirement is for the decomposition of plumbojarosite.
While this grade of acid can be used for this purpose, it is
unlikely that '"black acid" carrying impurities could be used
for the make-up in the zinc circuit where impurity build-up,
without the exit afforded in pyrometallurgical operations,
is already a problem. Hence, even with "black acid" avail-
able at $20/ST, make-up acid would be much more costly, i.e.
approximately $87.50/ST delivered to Bathurst and therefore
the average price of acid consumed by the pressure leach
process would be higher than $20/ST.

The availability of "black acid" at $20/T may also be a
problem since its production by the Belledune Lead smelter
is presently used in total in the Belledune Fertilizer
Plant. '"Black acid'", if available, would have to be im-
ported and present transportation costs alone for unit train

shipments from Ontario exceed $15.96/ST. Even with the

‘closure of the Belledune Fertilizer Plant, it is unlikely

that the lead smelter acid would be available to a company
other than Noranda, for a cost less than $20/ST as present
production costs for this acid exceed $17/ST.

As an alternative to purchasing acid for the pressure
leach process, acid can be generatéd from a sulphur-pyrite
residue produced in the process. The cost of acid product-
ion from this residue either by sulphur recovery and sub-
sequent sulphur burning or by roasting of the residue would

be considerably more than $20/ST. Reagent acid is a major

OO0
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cost sensitive item in the pressure leach proceés and hence,
two costs representing possible minimum ($20/ST) and maximum
($40/ST) levels are shown on Figures 6 to'l2. It isvassumed
that if purchased acid is unavailable within this price
spread, that sulphuric ‘acid could be pfoduced from the
sulphur-pyrite residue for a cost within these boundaries.

Figure 6 indicates that a sulphation roast plant to
treat the bulk concentrate, for which payment is made at 35%
of full metal value, would generate considerably more before
tax profit than would a conventional dead rdast plant or a
pressure 1ea;h plant. Similarily the integrated sulphation
plant also appears more profitable than eifher the pressure
leach or dead roast plants. All four plants have different
levels of capital expenditure, and this is not trueiy re-
flected in Figure 6 as costs . of capital other than depre-
ciation‘are not considered in the calculation of profit.
Therefore better comparisons are possible from examination
of before tax return on investment where both depreciation
and full capital expenditure, including working capital, are
considered.

’Figure 7 shows theveffect on returﬁ on investment re-
sulting from different payments for the bulk concentrate at
a zinc price of §0.32/1b. At 35% payment, considered min-
imum for true bulk concentrates, all plants are more profit-
able than a conventional dead roast plant. Returns are
12.23%, 9.57 and 5.90% respectively for each of the sulpha-
tion roast (bulk concentrate), integrated Sulphation roast-

dead roast and dead roast plants respectively. In compar-

rpe

|
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Figure 7
BULK CONCENTRATE
Return On Investment

Versus
22k . Value of Bulk Concentrate
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20+
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(30 % Zn Conc.)/(56 % Zn Conc.)
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2k

<:)25% ' '.’:O %o 3:5 %o 4|O /o

BULK CONCENTRATE PURCHASE PRICE AS PERCENTAGE OF TOTAL CONTAINED METALS
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ison, returns for the pressure leach process are between
8.6% and 10.3% depending on the cost of reagent acid. At
40% payment for concentrates, which might be approached for
true bulks (see discussion Sec. 6.5), the profitability of
the pressure leach process is equal to or less than tha£ of
a conventional dead roast plant depending on the cost for
acid whereas the sulphation plants, bulk concentrate and
integrated, are approximately 60% more profitable than a
corresponding dead roast facility.

The effect of zinc price on profitability for the bulk
concentrate plant (35% payment) is shown in Figure 8. This
illustrates that all metal recovery plants with the ex-
ception of the pressure leach plant at §40/ST acid cost are
more profitable than a conventional zinc plant. The profit-
ability of the pressure leach process is much more suscept-
ible to zinc price fluctuations than are the sulphation
roast plants. At higher zinc prices, above 40¢/1b, and
assuming no escalation in production costs, the pressure
leach process becomes competitive with the sulphation roast
process.

The effect of acid price, as revenue to the sulphation
roast process and as a cost to the pressure leach process,
is shown in Figure 9. At 32¢/1b fdr zinc even with give-
away acid, the sulphation roast process is more profitable
than the pressure leach process at the minimum purchase
price for acid of $20/ST.

Similar economic evaluation plots for the tailings re-

float concentrate are given in Figures 10 to 12. The
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Figure 9
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comparative results for all plants are entirely similar to
the bulk concentrate results. Thirty per cent payment for
tailings refloat concentrates is a reasonable payment, or

perhaps slightly high for a '"scavenger'" concentrate. At 30%

payment and a zinc price of $0.32/1b, the profitability of

the sulphation roast plant using tailings refloat is only
slightly less, 11.45% versus 12.23% R.0.I. than for the bulk
concentrate case. |

Although the effect of varying lead content on overall
plant economics can be assessed by comparison of the bulk
concentrate plant with the tailings refloat plant, the

effect of zinc grade has not been evaluated.

e
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7.0 APPLICATION OF THE SULPHATION ROAST PROCESS
TO NEW BRUNSWICK COMPLEX BASE METAL ORES

Although the return on investment from a sulphation
roast plant, treating a true bulk concentrate, i.e. all
recoverable metals in a single concentrate, may be higher
than for a dead roast plant of similar slab zinc output,
there is evidence to suggest that the profitability of both
the metals recovery plant and producing mines can be in-
creased through the use of '"scavenger'" concentrates rather
than true bulk concentrate in the metals recovery plant.
The mine-mill operation can maximize its return through the
sale of higher grade metal concentrates with high recovery

maintained through the sale of lower grade middlings products

.to.the proposed metal recovery plant for payment of less

than 30% of full metal value. This would ensure enhanced
profitability of the metals recovery plant. For example, in
the tailings refloat program at Brunswick approximately 30%
of the zinc in tailings is recoverable as a 50% zinc cencentrate.
However, if the refloat process were halted at the second
cleaning stage, the product would assay about 30% zinc and
contain about 50% of the zinc in the tailings. The annual
selling price for such a product would be the same or less
than that of the 50% concentrate. This would result in a net
payment for this 30% zinc tailings refloat product of less
than $55.42/ST or less than 22.5% of full payment for metals
in the product (Table A7-8). For this payment the return on

investment for a sulphation roast plant, at a price for zinc
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of $0.32/1b, increases to over_ls% (Pigure 11). This is.
higher than could be achieved with a bﬁlk concentrate for
which much higher payments are required: i |

Other ''scavenger" concentrates, in -addition to the 240
STPD tailings refloat from Brunswickvwhich are currently
availablé or cduldvbe pfoduced, are approximately 100 TPD of
de-zinc concentrate from the Brunswick copper-lead circuit,
and a possible tailings refloat product from Heath Steele.
In addition to these products both Brunswick and Heath
Steele could find it advantageous to upgrade their present
metal concentrates and sell middlings to the proposed sul-
phation roast plant.

The Heath Steele ore, although relatively rich in
copper, is_low in zinc in comparison with the Brunswick ore
and the total gross metal value of containe& metals is only
about 60% thaf of the Brunswick ore. Hence the problem of
concentrate grade versus recovery of metals which is common
to these types ofvores is especially acute here. Zinc and
lead concentrates in particular are of relatively low grade
and metal losses to tailings are subsﬁantial,'lQ.SS%,
29.66%, 34.51% and 39.83% for zinc, lead, copper and silver
respeCtiveiy (Tablé 14).

In addition to lower smelter returns for low grade con-
centrates, the additional freight charges for the lower
grade concentrates are an addéd burden which leads to a
marginal or submarginal operation, esﬁecially during de-

pressed market conditions. The presence of a metals re-

TPC




Feed

Zinc Conc.
Lead Conc.
Copper Conc.

Tailings

STPD

4000.00

295.43

158.02

82.92

3463.63

Wt %

of Feed

100.00

7.39

3.95

2.07

86.59

TABLE 14

HEATH STEELE
CONVENTIONAL FLOTATION MODEL

Assays % Distribution
(wt % or oz/T)
Zn Pb Cu Ag Zn Pb Cu
4,69 1,99 0.85 2,12 100.00 100.00 100.00
48.05 1.96 0.78 2.98 75.67 7.27 6.76
3.52 29.57 1.24 16.90 2.96 58.71 5.76
3.49 4.18 21.72 18.70 1.54 4.36 52.97

1.07 0.68 0.33 0.98 19.83 29.66 34.51

Ag
100.00
10.38
31.50
18.29

39.83

Metal Distribution

(STPD)

Zn Pb
187.60 79.60
141.95 5.79

5.56 46.73

2.89 3.47

37.20 23.61

Cu

34.00

2.30

1.96

18.01

11.73

Ag
8480

880
2671
1551

3378



covery plant which would be capable'of treating low grade
products would be of‘pafticular benefit to Heath Steele or
the Anaconda Caribou deposit as well as other yet unde-
veloped deposits in the province.

As stated previously, this facility would allow. these
mine-mill operations to aim at the production of felatively
high grade metal concentrates for sale out of province af
higher returns than are presently possible, while high
recoveries would be engured through the sale of middlings
products to the custom sulphation roast metals recovery
‘plant.

A custom smeltér for the treatment of scavenger flo-
tati;n products:from a number of minéS'in the area is per-

haps the best approach to efficient utilization of Northern

New Brunswick mineral resources. However, sufficient middlings

products to supply the majority of feed to a 100,000 STPY
zinc-metals recovery plant could not be generated from a
single producer, with the possible exception of Brunswick,
and hence a consortium of companies might be fequired to
realize such a plant.

The alternative to consortium ownership is possible
through two majority ownership scemarios, neither of which
would be as attractive as the custom smelter concept. In
the first case, the Heath Steele model, a modified bulk
concentrate produced from Heath Steele ore could be blehded
with the tailings refloat product from Brunswick and a

middlings product also from Brunswick as feed>fqr a sul-

rpcC
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phation roast plant. In the second case, the Brunswick
model, the blend of tailings refloat and zinc middlings
product is used as feed to a sulphation roaster and high
grade zinc concentrate (56% Zn) to a dead roaster. This
model is the integrated sulphation roast-dead roast plant

discussed in the previous section.

7.1 HEATH STEELE MODEL

In this model a bulk concentrate of zinc, lead, copper
and silver, is recovered from 4000 TPD of Heath Steele ore
after the separation of a copper concentrate. The prefloat-
ing of a copper concentrate may or may not be necessary de-
pending on the levels of copper plus lead which can be tol-
erated for roasting to operate satisfactorily. Table 15
illustrates the distribution of metals in the feed, copper
concentrate, bulk concentrate and tailings for the proposed
Heath Steele flotation model. The principal assumption in
this distribution being that 95% of the zinc, 70% lead, 70%
lead, 70% copper and 70% silver are recoverable in the two
concentrates? the copper concentrate contains the majority
of the copper and the bulk concentrate contains most of the
recoverable zinc, lead and silver.

In addition to the 547.91 STPD Heath Steele bulk con-
centrate, 240 STPD of Brunswick tailings refloat product and
167.63 STPD of Brunswick zinc middlings are required to
bring zinc slab production up to 100,000 STPY. A summary of

the economic evaluation for this model, based on the capital

* see footnote p. 20



_ TABLE 15
HEATH STEELE BULK .CONCENTRATE.

FLOTATION MODEL

STPD WT % Assays ' % Distribution : Metal Distribution

of Feed (STPD) (oz/
(WT Z or oz/T) Day)
" Zn Pb Cu Ag Zn Pb Cu . Ag Zn Pb Cu Ag

Heath Steele _
Feed 4,000.00 100.00 4.69 1.99 - O.85A 2,32 -100.00 100.00 100,00 100.00 - 187.60 79.60 34.00 8480
Copper Conc. 82.92 2.07 3.49 4.18 21.72 18.70 1.54 4.36 52.97 18.29 2.89 - 3.47 18.01 1551
Bulk Conc. 547.91 13.70 32.00 9.54 1.66 8.00 93.46 65.64 17.03 51.71 175.33 52.25 5.79 4385
Tailings 3,369.17 84.23 0.28 0.7r 0.30 0.76 5.00 30.00 30.00 30.00 9.38 23.88 10.20 2544

Brunswick , |
1. Tailings 240.00 - 30.00 3.60 0.60 4.37 - - - - 72.00 8.64 1.44 1049
Refloat : -

2. Middlings 167.63 - 30.00 3.60 0.60 4.37 - - - - 50.29 6.03 1.0 733
TOTAL FEED TO SR 955.54 - 31.15. 7.00 0.86 6.45 - - - - 297.62 66.92 8.24 6167
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and operating costs for a general bulk concentrate as given
earlier, is presented in Table 16. At a zinc price of
$0:32/lb the return on investment for the sulphation roast
plant would be greater than 12.5% before taxes. Payment for
Heath Steele concentrates, i.e. the bulk concentrate to the
sulphation roast plant and the copper concentrates to copper
smelters, would return to the mine the same value per ton of
ofe, approximately $20.90/ST, now received through the sale
of separate metal concentrates. Advantages to the mine-mill
operation in the proposed model are in savings achieved
through simplification of flotation circuits.

In addition to enhanced profitability at the mine,
overall recoveries, as paid for metals in concentrates,
increases by approximately 23% (Tables 17 and 18). Also
important is the added value generated within the province.
For example, whereas net smelter returns to Heath Steele for
sale of concentrates from the conventional flotation model
would approximate $84,719/day, the revenue from the sale of
the copper concentrate and products produced within the
sulphation roast plant from the Heath Steele bulk concen-
trate alone would approximate a return of $171,805. This
represents a 103% added value increase to a Heath Steele

owned smelter from Heath Steele concentrates.

7.2. BRUNSWICK MODEL

This is the integrated sulphation roast-dead roast

plant reviewed in Section 6. The hot acid leaching of




Revenue

zinc

copper

lead

silver

cadmium

sulphuric acid
.Total Revenue
Operating Cost
Cost of Concentrates

Depreciation

Net Profit
(before taxes)

Total Capital

R.0.I. %
(before taxes)

o Zffic @ §032/1b
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TABLE 16

HEATH STEELE MODEL

ECONOMIC EVALUATION

SR
($,000)

64,000
3,360
9,431
9,150

920

3,072

' 89,933
26,320%
30,800%%

10,784

22,029

176,270

12.50

* No reduction for quantlties of Ca0, NaCl, CaCl2 for SR - Assume same’
" operating costs as for general model

** Heath Steele bulk concentrate based on present value received for
concentrate at the mine minus present value recelved for copper
concentrates = $114.40/ST bulk conc. —

Brunswick tailings refloat @ $55.42/ST
Brunswick middlings

@ §73. 87/ST} Table A7-8




Metals in Feed
(4000 STPD)

TABLE 17
METAL RECOVERY AND REVENUE

CONVENTIONAL FLOTATION
(4000 TPD Heath Steele Ore)

Metals Recovered As Concentrates

Net Smelter Return
(Foreign Smelters)

Amount Gross Value Amount Gross Value
(Dollars/Day) (Dollars/Day) (Dollars/Day)
Zinc (STPD) 187.60 120,064
1. Zinc Conc. 141.95 90,848 ' 38,343
Lead (STPD) 79.60 50,944
1. Lead Conc. 46.73 29,907 11,016
Copper (STPD) 34.00 42,160
1. Copper Conc. 18.01 22,332 13,491
2. Lead Conc. 1.96.: 2,430 1,215
Silver (oz/Day) 8480 45,792
1. Copper Conc. 1551 8,375 7,336
2. Lead Conc. 2671 14,423 13,322
$258,960 $168,315 $ 84,723
Value Recovery (As % of Gross Value in Feed) 65.0 32.7

€1



Metals dn Feed

(4000 STPD)

TABLE 18

METAL RECOVERY AND REVENUE

SR-L-E PLANT +
(4000 STPD Heath Steele Ore)

Metals Recovered As Concentrates

Metals Recovered in N. B.

SR-L-E Plant

Amount Gross Value Amount Gross Value Amount Gross Value
' {(Dollars /Day) " (Dollars/Day) (Dollars /Day)
Zinc (STPD) 187.60 120,064 | |
1. Bulk Conc. 175.33 112,211 168. 32 107,725
Lead (STPD) 179.60 50,944
1. Bulk‘Conc,* 52.25 33,440 49f04 21,049
Copper (STPD) 34.00 42,160 E
1. Copper Conc. 18.01 22,332 18.01 13,491
2. Bulk Conc. 5.79 7,180 5.65 7,006
Silver (oz/Day) 8480 45,792
1. Copper Conc. 1551 8,375 1551 7,334
2. Bulk Conc;* | 4385 23,679 3727 18,588
$258,960 $207,217 $171,195
Recovery (As % Gross Vélué in Feed) 80.0 67.7

* Recovery as a PbO product assaying = 82.87%Z Pb, 62.98 oz/T Ag.

T

Includes production of 82.92 TPD Copper Concentrate and 547.91 TPD Bulk Conc. (see Table 15)
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neutral leach residues from dead roast operations was tested
successfully in an integrated mode with sulphation roast
products in the mini pilot trials (Appendix Al).

This integrated sulphation roast-dead roast plant,
although seeming less profitable than either of the sul-
phation roast plants utilizing bulk concentrates or tailings
refloat, is perhaps a less risky venture since in terms of
return on investment the integrated plant is still 62% more
profitable than a conventional dead roast plant. In addition,
the integrated plant holds some distinct advantages over
sulphation roasting alone as follows:

i) the nature of the roaster feed is not encumbered
by major assumptions as to recoveries. This is a
serious limitation in the bulk concentrate approach
where the economic evaluation is based on re-
coveries of 95% Zn, 70% Pb, 70% Cu and 70% Ag as
suggested by CANMET. This is probably a reason-
able assumption for the Brunswick ore, and re-
quires only a slight improvement over what has
already been achieved by Brunswick for a 36% Zn,
12.5% Pb bulk with +92% Zn, 68% Pb, 50% Cu and 60%
Ag recoveries (1967 company tests).* However,
considerable test work is required to establish
that these recoveries would be attainable from
other deposits.

Feed for the sulphation roaster in the in-
tegrated plant is presently readily available from
scavenger products in the mill, i.e. tailings
refloat, middlings products from the zinc circuit
and the de-zincing product from the copper-lead
circuit.

ii) the use of zinc middlings products in the sul-
phation roaster would allow higher grade zinc
concentrates to be produced in the mill for sale
at enhanced revenue per ton of concentrate. Also,
high grade (56%) zinc concentrates, when employed
in the dead roaster segment of the integrated
plant, will effectively result in reduction in the
capital cost of the dead roaster section compared
with costs in a conventional dead-roast plant
roasting run-of-mill zinc concentrates at 52%
zinc.

* see footnote p. 20
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iii) as spent electrolyte is required for the neutral
leach of the dead roast calcine, the total amount
of spent to be neutralized from the integrated
plant is reduced by approximately 45% relative to
the bulk concentrate sulphation roast plant.

Recovery of a 30% zinc concentrate from the Brunswick
tailings refloat program rather than the 50% zinc concen-
trate presently requifed, would increase zinc metal recov-
eries for tailings from 30% to 50%. This would result in an
additioﬁal 22 tons/day of recoverable zinc, 8.64 TPD lead,
1.44 TPD copper, and 104.9 oz/day silver (assuming that
payment for lead, copper and silver is presently not re-
ceived in a 50% zinc concentrate).

Utilization of this plant by Brunswick as a replacement
for current, but apﬁaréntly'on the shelf, plans for a con-
ventional zinc plént in northern New Brunswick would provide
the company with much greater flexibility in its integrated
mine-mill-zinc smelter-lead smelter operation. Of partic-

ular interest is the proposed lead oxide product produced by

brine leaching of the HAL residue from the integrated plant.

This product, although relatively minor tonnage, approximately

8500 STPY,.compared with that from a sulphation roast of a
,bulk'concentrate which would yield in excess'of‘36,000 STPY,
would be most suitable as anladdition to the sinter machine
at the Belledune Lead Smelter. The usé of this lead oxide
product, which contains approximately 71% Pb and 81 oz/ton
silver, in this manner would serve to offset sulphur and
thermal imbalances in the sinter machine'and would effect-

ively increase the lead smelter output. Although low lead

IrpPC
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(3.6%) concentrates were used in the model, the flexibility
does exist for increasing the lead content, perhaps by
addition of middlings products from the copper-lead flota-
tion circuit, to increase the production of lead oxide for
consumption in the lead smelter.

Further integration and improved utilization of Bruns-
wick resources might be possible using the present stock-
piled lead slag at Belledune as a replacement for limestone
in the neutralization of spent zinc electrolyte as detailed
in Appendix A5.1. The use of the slag (10.5% Zn) in this
manner could result in recovery of a substantial proportion
of the zinc in the slag i.e. a replacement process for zinc
fuming plus possible recovery of some lead and silver.

Figure 13 is a schematic illustration of how the pro-
posed integrated sulphation roast-dead roast plant could Be

completely integrated with other Brunswick operations.
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APPENDIX Al

RPC SULPHATION ROAST-LEACH-ELECTROWINNING PROCESS
DEVELOPMENT PROGRAM

Al.1 DESCRIPTION OF SEMI-PILOT PLANT

The roasting capacity of the plant was approximately
120-150 kg feed per day, on a three shift basis. Actual
operation was limited to two consecutive shifts per day.
The roasting equipment is shown in Plate 1 and illustrated
schematically in Figure Al-1. The fluidized reactor, which
was constructed of 316 stainless steel, measures 30 cm
(14 in.) in diameter by 120 cm (47 in.) in height with an
adjustable fluidized bed height of 40-55 cm. The gas dis-
tributor at the base of the reactor consisted of 19 mush-
room-type tuyeres, each with six, 1 mm diameter holes and a
total pressure drop across the distributor of 45 cm HZO'
The gas cleaning system includes a 20.3 cm (8 in.) diameter
primary cyclone in series with a 15.2 cm (6 in.) diameter
secondary cyclone and a dry single electrode electrostatic
precipitator (cottrell).

Dust collected in the gas cleaning system discharged
through individual rotary star valves rotating at 45 and
35 RPM and was continuously recirculated back into the
reactor by means of a 3-inch diameter slanted screw feeder
rotating at 25 RPM, as shown in Figure Al-1.

Slurry feed was sprayed from the top of the reactor by

means of a compressed air operated gun, cooled with a
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water jacket. Provision was made for varying the distance
of the gun nozzle from the fluidized bed surface. Cali-
bration data for this feed system is given in Figure A6-1.
Dry feed was measured to the pneumatic injection system by
means of a screw feeder, while slurry was pumped to the gun
with a variable speed peristaltic rotary pump. The recir-
culated hot acid leach filtrate was sprayed into the reactor
from the top, using the same gun and pump used for slurry
feeding.

The reactor was started by means of electric heating
coils wrapped around its body and with an electric air
preheater. During operation, the unit was autothermally
maintained, with no external power normally required.

External power, sufficient to compensate for thé"rel-
atively high conductive heat losses associated with a re-
actor of this comparatively small size, was required to
maintain thermal balance in the interlocked trials where hot
acid leach filtrate was decomposed in the reactor.

The hydrometallurgical section of the RPC semi-pilot
plant is illustrated in Figure Al-2. Design capacity was
sufficient to handle 150 kg calcine per day on a three shift
basis, however, actual operation was adjusted according to
daily roaster production. Each calcine was leached.and
treated in each unit as a batch due to equipment and man-
power limitations. Several operations were internally fully
continuous such as copper solvent extraction and zinc elect-

trowinning and the leaching operations were semi-continuous
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in that acidity was kept constant by continuous addition of
acid. Plate 2 shows typical procedures during operation.
Detailed discussion of equipment and operation is given in

Section Al.3.

Al.2 ROASTING SECTION

121 Feeds Tested

Five different products were tested in the roasting
circuit. Three products are representative of low grade

zinc concentrates with zinc contents from 22 to 32% and

‘varying amounts of lead and copper. Also tested was a 51%

zinc concentrate and a blend of a tailings refloat (30% Zn)
product and a ferrite residue from a conventional dead roast
zinc plant. .

The ranges of chemical compositions of the samples
tested are given in Table Al-1. The detailed chemical
analyses of feeds for each run are given in Table Al-2.

For the slurry feed tests, feed with approximately 10%
moisture was slurried with spent electrolyte. For the dry
feed tests the sulphide material, which was originally
milled to 85% minus 325 mesh, was dried to less than 2%
moisture and screened to -100 mesh.

The process development was carried out for the most
part using tailings refloat products from Brunswick Mining
and Smelting. Concentrates with higher lead and copper
levels were prepared by blending lead concentrates from
Brunswick Mining and Smelting and copper concentrates from

Heath Steele Mines Ltd.
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TABLE Al-1

RANGES OF COMPOSITION OF SAMPLES TESTED
IN SULPHATION ROASTING (wt %)

(L) . (2) : (3) (4) (5)
Tailings Refloat ' High Cu Zinc Tailings Refloat
) and
Conc. ' Bulk Comc. Bulk Conc. Cone. __ Ferrite Res.
Zn 0 22-32 27-31 30.5 51.2 32
Cu 0.4~0.9 . 0.7-0.9 4.5 0.5 0.4
Pb 2-4 10-14 4.8 . 2.0 2
Fe 22-26 : 18-20 . 21.5 9.9 . 26
S 36=40 34-35
Co 0.015-~0.025 0.020-0.023 0.053 . 0.0086 0.002
Cd "0.060-0.065 0.053-0.065 _ 0.060 0.097 0.055
As 0.3-0.5 0.3-0.5 0.27 . 0.75 0.4
(1) Series B2C, BMS, BMD (Tailings refloat from Brunswick Mining and Smeltlng)
(2) BHL . (Bulk concentrate, low in copper)
(3) "' BHB, BHC, BHD (Bulk concentrate, high in copper)
(4) " BZC : (Low-grade zinc concentrate)
(5) " BF (Tailings refloat and ferrite residue)




TABLE Al-2

CHEMICAL ANALYSES OF FEEDS TESTED IN SULPHATION ROASTING

CONCENTRATES RUN # Zn Cu Pb Fe s Co cd As Ag Sn Sb In B Cal A1203 5102 Mgo Ge Ga [ Hg
(ppm) (ppm) (ppm) (ppm) (ppm) (ppm) (ppw) (ppm)

Zn tailiogs relfoat 11-2 B2C 1-22 22.80 0.22 1.82 28,50 42.76 - - - - - - - - 610 0.67 0.03 - - - -

" " ¢ " 2329 22.30 0.28 2.70 26.00 41.28 - - - - - - - - 0.4 1.76 0.03 - - - -

" " " II-1 * 30-40 22.70 0.22 2.46 2B.50 42.20 - - - - - - - - 0.28 0.94 0.08 - - - -

N " w om BMS 1-16 18.40 0.37 2.70 31.40 42.90 - - - 114 - - - - 0.31 0.5 1.66 0.10 - - - -

" " “ oy BMD. 1-22 29.80 0.98 3.13 23.41 40.05 - - - 136 - - - - 0.28 0.221 0.58 0.10 - - - -

v R " 23-36 29.00 1.16 3.30 23.70 39.50 - - - - - - - -~ 0.36 0.19 0.82 0.1 - - - -
" " "o " 37-45 29.50 1.28 3.70 22.50 39.10 230 650 0.44 94 - - - - 0.3 0,23 0.8 0.1 - - - -
" N " VIIL (8lend 25% Zn + 51X Zn) " 46-51 30.50 0.54 2.60 24.38 39.60 205 615 ©0.20 - - - - - - - - - - - <0.01 trace >
“

' " ¥ IX  (Blead 24% Zn + 51X Zn) v 52 30.50 0.48 2.65 23.75 37,59 170 650 0.35 91 - - - - 018 - 090 0.10 <3 8 "o o
- 2 8 v 53 29.50 1.28 3.70 22.50 39.16 230 650 0.44 95 - - - - .35 0.23 0.8 0.1 - - wooom .
" ” ¥ IX  (Blend 24% Zn + 51X Zn) " S4~61 30.50 0.48 2.65 23.75 37.59 1720 650 0.35 91 - - - - 624 - 0.90 0.10 3 8 " " | o
" " Y X (Blead 23X Za + 51X Zn) " 62-64 32.62 0.46 2.30 22,38 37.82 225 645 0.45 115 <0.01 <25 290 <100 0.18 - 0.68 0.10 3 16 " " =
Blend Zn tailings refloat X + Ferrite reatdue BF  1-2 31.79 0.39 1.96 25.97 32,15 200 550 0.38 98 <0.0I <21 247 <90 0.15 -  0.58 0,09 - - " "
Zn conc. (low grade) BZC 1 51.20 0.50 2.00 15,90% 27.60* 60 970 0.20 75 <0.0p 100 - - - - - 0.12 - - - -
Blend Zn crailings refloat VII + Zn conc. + Pb conc. BHL 1-4 30.80 0.74 10.64 18.40 34.33 200 625 0.33 260 <0.01 - - - e22 -~ - - - - <0.01 trace

" " conc. + Pb conc. "5 26.75 0.92 14.30 19.40 34.14 230 530 0.45 260 <0.01 - - - - - - - - - "o
Blend Zn conc. + Cu=Pb conc. : BB 1-2 28.75 5.2 9.05 19.38 33.00 500 560 0.25 250 <0.01 - - - - - - - - - v "

" " tailinogs refloat VII + Zn conc. + Cu-Fb conc. BHC 1 30.50 6.80 3.00 19.00 32.56 520 580 0.28 260 <0.01 - - - - - - - - - " "

. " " w o oam " u D 1 30.50 4.48 4.80 21.50 35.15 530 600 0.30 270% <0.01 - - - 0.89% 0.20% 0.49% 0.34% - - " "

(*) Calculated Values
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122 Process Development

| In the early stages in the development of the Procesé,
consideration was given to the use of a slurry feeding
system for the reactor. The reasoning being that spent zinc
electrolyte could be used aé the liquid medium, and reactor
cooling'agént, and hence the quantity of electrolyte re-
-quired to be neutraiized would be reduced. This was thé
approach followed earlier by the St. Joseph Lead Company in
their attempt to develop.a sulphation-roast process for zinc
(1) as well as by the Dowa Co. in Japan in their commercial
zinc;copper sulphatioﬁ plant (2). The principal ﬁroblems
encountered by Dowa and in the St. Joseph Lead program, i.e.
high iron levels in leach solutions going to purification
and poor zinc recoveries, were found to be principally due
to anlenhancement of ferrite formation which was identified
as a problem inherent to slurry feeding. As a result, the
élurry feed approach was eventually abandoned in favour of
dry feeding.

The main respbnsgs of the roasting operation were the
‘ferrite formation, méésured by x-ray diffractidn, and the
zinc extractionzin both water and dilute aéid, moﬁitofed by
means of small, 50 g calcine sample control leaches in water
(16% solid, 25°C, 1 hr) and in dilute acid, (16% solid;

25 gpl H

S0,, 25°C, 1 hr). Under these conditions the

25740
control leaches produce solutions with 30 to 35 gpl Zn.
The following summarizes the experimental programs for

both feed systems.
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.1 Slurry Feed System

A constant 70% solid slurry, made with synthetic spent

4 and 65 gpl Zn as ZnSO4 as the

liquid medium and a Brunswick Mining and Smelting tailings

electrolyte of 140 gpl HZSO

refloat product (22-32% Zn) as the solids fraction, was
pumped by a positive displacement pump through a specially
designed air-operated gun. Pumping the corrosive slurry
proved to be difficult in the early trials, and a Moyno
pump, commonly assumed to be adequate to this kind of task,
failed continually. Later, a plastic hose '"finger pump' was
used which performed satisfactorily and, finally, a rotary
peristaltic pump with a Tygon plastic hose performed well.
The design and constructiqn of the slurry gun required
a considerable trial and error effort to obtain an adequate
and adjustable pattern of droplet size and at the same time
avoiding buildup of a dried crust on the tip of the gun or
defluidization of the bed caused by '"streaming' rather than
spraying. An attempt to use the Falcomnbridge-type slurry
gun was not successful since an acceptable dispersion pat-
tern of droplets was not easy to achieve at low flow rates
for the slurry and crust formation was a continuous problem.
Corrosion and erosion were serious problems at the gun
nozzle tip. Tips made of SS316 lasted only three to four
days in most cases. Later, Hastelloy C-276 was found to be

the best material of construction for the gun tip and nozzle.
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Up to five weeks of continuous work, with little erosion and

no ;hemical attack were experienced with the Hastelloy tips
(Figure A6-1). | |

The experimental conditions and leachingfresults for
the roasting work are shown in Table Al-3.

In previous bench scale work (RPC Report M/77/209), the
formation of ferrite and the presence of unreacted sphal-
erite were identified as the main problems to be sélved_if
high zinc extraction with acceptably low levels of iron are
to bé achieved in acid leach solutions. Results from all
tests using slurry feed proved that sphalerite levels could
be maintained below 1.5 wt%, howevér, ferrite formation was
found to be a serious problem, reaching levels from 15 up to
40 wt% in the. calcines (Table Al—4);

The operating conditions and design parameters of the

slurry gun were found to influence the formation of ferrite

to some extent. .The nozzle tip diameter of the gun and the
air flow rate determines the pattern and dr0plét size. When
a rather 1afge tip diameter .of 4 mm was used, calcines were
coarse (10% plus 10 mesh) ahd'pellets'nOt well formed, while
éalcines prbduced &ith a 1.5 mm diameter tip were finer
(100% minus 40 mesh) and pellets round and well formed. The

extent of ferrite formation is related to the .size of the

pellet and hence to the tip diameter of the gun. The ferrite

content in calcines decreased by approximately 20% when the

tip diameter was reduced from 4 to 1.5 mm (Figure Al-3).




TABLE Al-3(a)

ROASTING CONDITIONS AND CONTROL LEACH RESULTS TOR
TAILINGS REFLOAT-SERIES B2C

Run No. Temp. Av. Air Feed Gas Slurry Feeder Svstem % Metal Extraction*
Ret. Ratio Rate Velocity Spent Pulp
Time ]Blectrslztel (gpl) | 7% solids Slurry gun yater dil. acid Promoter
T T Q Fo u) H.50 7n Tip § Air Cu Zn Fe Cu Zn Fe %
° 2774 Level
°c) (hrs) (=) | (kg/br) | (cm/Sec) (@m)  (t/min) pg
(cm)
B2C Series
(1)
B2C-10 650 6.72 1.72 6.87 22.1 140 65 70 4 37.5 30 7.3 50.0 0.0 59.5 62.7 1.7 -
B2C-11 650 6.70 - 1.72 6.87 22.1 140 65 70 4.5 65 40 8.2 49.1 0.0 59.7 68.0 2.1 -
12 685 6.71 1.90 6.80 24.7 140 65 70 4 56 40 10.5 48.0 0.0 69.5 71.1 1.5 -
13 650 6.72 1.90 6.80 24.2 140 65 70 4 56 40 22.1 52.3 0.0 66.8 70.3 2.2 -
14 680 6.73 2.00 5.0 22.6 140 65 70 4 65 .40 4.7 65.1 0.0 g8.2 71.0 0.7 -
(2)
B2C-15 660 6.57 1.80 5.0 20.3 140 65 70 3.5 72 40 1.3 63.4 0.0 86.8 ° 69.5 0.6 -
16 675 6.65 1.80 5.0 20.6 140 65 70 2.3 72 40 3.4 65.0 0.1 74.0 72.7 2.4 -
16 -60 mesh fraction v/ 4 v/ 4 v % v v 2.1 65.2 0.2 73.8 73.6 2.6 -
16 ~35/+40 mesh fraction ' v / / / % % v - - - 75.3  71.3 1.6 -
16 +35 mesh fraction ' ' v/ 4 / 4 v/ v/ - - - 75.0 71.1 1.3 -
17 700 6.46 1.80 5.0 20.8 140 65 70' 2.3 72 40 1.5 50.0 0.0 72.8 68.2 0.6 -
18 650 6.70 1.80 5.0 19.2 140 65 70 2.3 72 40 2.1 58.2 0.0 71.7 71.5 2.8 -
19 675 7.16 1.40 5.0 15.3 140 65 70 2.3 72 40 1.2 46.2 0.0 71.0 68.3 2.5 -
20 675 6.26 2.05 5.0 23.2 140 65 70 2.3 72 40 - 41.1 - - 66.3 - -
21 675 6.66 1.60 5.0 18.3 140 65 70 2.3 72 40 - 46, - - 68.1 - - b=
22 675 6.65 1.80 5.0 20.6 140 65 70 2.3 72 60 ~ 459 - - 68.2 - - [
23 675 6.70 1.80 5.0 20.6 140 65 70 2.3 72 30 - 52.7 - - 70,5 - - '
24 675 6.70 1.80 5.0 20.6 140 65 70 2.3 72 20 - 55.0 - - 72.5 =~ - (]
25 685 6.57 1.80 5.0 21.1 140 65 70 2.3 72 50 1.9 49.0 0.0 70.6. 71.7 1.1 - (%3}
26 665 6.73 1.80 5.0 20.2 140 65 70 2.3 72 20 2.4 58.4 0.0 73.4 73.0 1.8 -
27 675 6.33 1.85 5.0 20.9 140 65 70 2.3 72 20 3.1 61.5 0.0 73.3 75.1 1.5 -
28 675 6.85 1.75 5.0 20.5 140 65 70 2.3 72 20 0.6 47.9 0.0 72.3  73.4 1.2 -
(3) .
B2C-29 675 6.57 1.80 5.0 20.6 140 65 70 2.3 72 20 0.0 4.0 0.0 71.7 72.3 0.8 -
30 675 6.62 1.80 5.0 20.6 - - 70 2.3 72 20 - 31.1 - - 61.1 - v -
31 675 6.58 1.80 5.0 20.6 - - - 2.3 72 20 - 13.7 - - 43.3 -~ 1.0% Nazc(:l3
32 675 6.55 1.80 5.0 20.6 - - - g 2.3 72 20 - 23,5 - - 51.7 - 1.0% N32603
33 685 6.57 1.80 5.0 20.2 140 65 70 2.3 72 20 1.7 49.1 0.0 70.7 71.0 0.9 B
34 675 6.55 1.80 5.0 20.6 140 65 70 2.3 72 20 1.7 56.1 0.0 66.5 67.9 1.7 0.5% Na2504
35 675 6.55 1.80 5.0 20.6 140 65 70 2.3 72 20 0.0 27.7 0.0 45.4 50.6 0.9 1.07% Nazsﬂk‘
36 675 6.56 1.80 5.0 20.6 - - - 2.3 72 20 3.3 51.2 0.0 51,2 60.6 1.5 -
37 |- 675 6.56 1.80 5.0 20.6 - - - 2.3 72 20 - 34.5 - - 59.7 - 0,3% KNO
38 675 6.53 1.80 5.0 20.6 - - - 2.3 72 20 - 21.2 - - 36.4 - 1.0%Z Naci
39 675 6.33 1.85 5.0 20.9 140 65 70 2.3 72 20 - 46.3 - - 62.0 -~ -
40 675 7.74 1.85 5.0 20.9 140 65 70 1.5 72 10 - 70.5 - - 2.9 - -
* Metal extractions based on control leaches of 50 gm. calcine samples.

Water leach: 16% solid, 25°C, 1 hr.
Actd leach : 25 gpl H,S0,, 167 solid, 25°¢, 1 hr.

v/ Same conditions as calcine.



TABLE Al-3(b)

ROASTING CONDITIONS AND CONTROL LEACH RESULTS FOR
TAILINGS REFLOAT-SERIES BMS

Run No. § Temp. Av. Air Feed Gas Slurry Feeder Systam ) % Metal Extraction
Reten. Ratio -Rute Velociey | Spent Pulp
Time Q . \ Electrolyte, (gpl)} % solids [ Slurry gun water dil. acid Promoter
T |. t ©° Uy H,50, Zn Tip § Air Level Zn Fe %
°c) (hrs) =) | kg/mo) | (cn/Sec) 2774 @m)  (t/min) le Cu  Zn _ Fe Cu
) (cm)
BMS Series
BMS- 1 | 675 6.8 1.88 5.0 20.6 140 65 70 1.5 72 10 - 43.8 - - 70.0 - -
2 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 64.8 - - 69.5 - -
3 660 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 64.3 - -~ 13.1 - -
4 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 64.2 - - 72.4 - 2% Bent.
s | 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 69.9 - - 19.9 - 2% Bent. 0.5% Na,S0,
6 | 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 68.5 - - 69.8 - 2% Bent. 0.5% NayS0 .
7 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 .- 18.5 - - 76.0 = | 1% Benc. 0.75z ¥E,sb =
8 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 704 - - 73.8 - 1% Bent. 1% Na,S0, .
9 675 6.8 1.80 5.0 19.8 140 65 70 1.5 72 10 - 75.2 - - 76.7 - 1% Na,S0, ot
9 1st cyclone v v v v v v v v v - - - -  61.6 - . v o
9 } 2nd.cyclone 4 v % v / v v / / - - - - 69.9 - v/
9 cottrell % % v v % v v v v - - - - 59.0 - ) v
10 ) 675 6.8 1.80 "} .5.0 19.8 140 65 70 1.5 72 0 - 755 - - 78.0 - -
11 | 675 6.0 1.20 ‘8.0 19.8 140 65 70 1.5 72 10 - 66.4 - - 753 . -
12 675 6.8 1.80 5.0 19.8 - - - 1.5 72 10 - 62.7 - - 73.6 - -
13 | 675 6.8 1.80 2.0 19.8 - - - - - - - 67.3 - - 19.8 - } -
13 - 250 mesh fraction v 4 4 .= - - - - - - 70,0 - - 83.1 - -
14 675 | 6.8 1.80 2.0. 19.8 - - - - - - - 64.3 - - 79.9 _ -
14 ~'250 mesh fraction v % v - - - - - - - 61.6 - - 82.2 - -
15 675 | 6.7 2.0 2.0 20.9 - - - - - . - -  66.0 - - 76.6 - -
15 - 250 mesh fraction | ¥ % % - - - - - - - 69.7 - - 837 - -
16 | 675 6.7 1.60 2.0 18.3 - - - - - - - 744 - - 82.7 - -
v / v v 4 / - - - - - - - 78.6 - - 850 - ) -




TABLE Al-3(c)

ROASTING CONDITIONS AND CONTROL T.EACH RESULTS* FOR TAILINGS REFLOAT-SERTES BMD

Run No. Temp. Av Ale Feed Slurry & Liquor Feed 2 Metal Extraction
Ret. Rat1o Rate Velacity A
Time Spent
I t Q Fo u! Electrolyte, (zp1) Pulp Slurry Gun Cooling vater, 25°C actd, 25°C, 25gp}
(4] (hre) ) (kg/hr) {em/8cc) 1,50, Zn solids Tip 0 AdY Level water 1iquor Dry Cu T n Fe Cu Zn Fec
(1t/min) Lg (cc/min) (ce/min) Feed —_—
e (em) (mesh) (ep])
BMD Serfcs
g - 1] 675 7.1 1.80 5.0 19.8 140 (3 70 1.5 72 20 - - - - 67.48 - - 80.36 -
2675 7.0 2.00 5.0 22.8 140 65 70 1.5 72 20 - - - - 69.7D - - 78.21 -
3 | 615 7.0 2.00 5.0 ., 22.8 140 65 70 1.5 72 20 - - - - - - - - -
4 | 675 7.3 1.60 5.0 17.2 140 65 70 1.5 72 20 - - - - 69.40 - - 75.59 -
5 1675 7.1 1.90 5.0 20.8 140 65 70 1.5 72 20 - - - - 72.21 - - 74.48 -
6 | 675 7.2 1.90 5.0 20.8 140 65 70 1.5 72 20 - - - - - - - - -
7 §675 7.1 1.80 5.0 19.8 140 65 70 1.5 72 -5 - - - - 70.90 - - 74.70 -
8 1675 7.1 1.80 5.0 19.8 150 65 70 1.5 72 20 - - - - 73.60 - - 26.20 -
9 | 675 7.1 1.80 5.0 19.8 140 65 70 1.5 72 20 - - - - 73.34 - - 76.21 -
10 { 675 7.1 1.80 5.0 19.8 140 65 70 1.5 7z 20 - - - - 75.61 - - 75.61 -
1 § 675 7.0 1.80 5.0 19.8 149 3] 7 1.5 72 20 - - - - - - - - -
12 | 675 7.0 42.40 5.0 26.5 140 65 70 1.5 72 25 - - - - 72.55 - - 75.82 -
13 | 615 7.1 1.85 5.0 20.3 140 65 70 1.5 72 20 - - - - 71.02 - - 78.92 -
14 | 675 7.1 1.60 5.0 17.5 140 €5 70 1.5 72 20 - - - - - - - - -
15 | 675 7.1 1.60 5.0 17.5 140 65 70 1.5 72 20 - - - - 40.90 - - 69.90 -
16 § 675 6.9 2.20 5.0 23.2 140 65 70 1.5 72 20 - - - - 76.36 - - 79.20 -
17 | 630 7.1 2.20 5.0 23.0 140 65 70 1.5 72 20 - - - - 77.58 - - 80.33 -
18 | 660 7.1 2.00 5.0 21.9 - - - 1.5 72 20 - - ~100 - 75.29 0.21 - 79.76 4.61 (0.53)
19 | 660 6.9 2.00 5.0 21.3 - - - 1.5 7 20 a3 - ~100 - 80.03 0.35 - 83.40 3.75 (0.43)
20 | 660 6.9 2.00 5.0 21.9 - - - 1.5 57 20 - 38 ~100 - 85.65 2.44, - 88.57 5.81 (0.63)
20 - 14 mesh 7/ '2E - - - v v v v v v - - - - 88.00 6.10 (0.68)
20 & Y4 merh V' v 4 v - - - v v v v v % - - - - 91.16 6.51 (0.37)
21 | 660 7.0 2.00 5.0 21.9 - - - 1.5 50 20 29 - -100 - 89.38 1.74 - 89.38 5.72 (0.66)
22 | 660 6.9 1.80 5.0 18.9 - - - 1.5 50 35 49 - -100 - 82.48 0.21 - 86.71 3.70 (0.40)
[¢3)
23 | 660 6.9 1.80 5.0 18.9 - - - 1.5 58 35 37 - -100 - 79.41 0.49 - 84.10 6.59 (8.74)
2 | 668 6.3 2.28 5.0 2.2 - - - 1.5 65 35 17 - ~100 - 76.74 0.32 - 86.73 5.25 (0.57)
25 { 650 6.0 2.60 5.0 26.1 - - - 1.5 68 35 16 - -100 - 62.46 0.0z - 84.81 4.57 (0.54)
26 { 700 6.8 2.00 5.0 22.0 - - - 1.5 33 35 - - -100 - 37.88 0.02 - 76.45 1.23 (0.16)
27 | 680 6.9 2.00 5.0 21.9 - - - 1.5 52 35 - - -108 - £0.45 0.82 - 72.38 0.31 (0.08)
28 | 660 6.9 2.00 5.0 21.8 - - - 1.5 & 35 n - ~100 - 60.25 0.02 72.33  82.68 2.50 (0.30)
29 | 675 6.8 1.80 5.0 19.2 - - - 1.5 50 35 25 - -100 - 49.20 0.02 51.27  80.52 2.92 (0.08)
38 | 675 6.4 1.60 5.0 15.3 - - - 1.5 s? 35 45 - -100 - 45.15 0.02 - 78.49 1.23 (0.15)
31 } 675 6.8 1.80 5.0 19.2 - - - 1.5 57 35 13 - ~100 - 53.45 0.02 70.81  B6.02 1.33 (0.16)
32 | 675 6.7 1.70 5.0 18.8 - - - 1.5 57 35 19 - -100 - 56.64 0.01 83.72  85.57 0.88 (0.10) :>
33 ) 675 6.7 1.70 5.0 18.8 - - - 1.5 57 35 25 - -100 - 56.15 0.01 81.82  80.82 2.34 (0.52) [
3 {615 6.9 1.90 5.0 21.0 - - - 1.5 57 35 37 - -100 - 65.15 0.01 86.47  8h.62 1.42 (0.16)
35 | 675 6.8 1.80 5.0 19.2 - - - 1.5 57 35 35 - -108 - 53.55 0.01 82.96  B4.46 0.65 (0.08) 1
36 | 675 6.8 1.80 5.0 19.2 - - - 1.5 57 45 46 - -100 - £5.11 0.01 - 80.25 0.18 (0.02) [y
2)
37 | 675 6.8 1.80 5.0 19.2 - - - 15 57 35 29 - -100 - 59.62 - - 83.88 - ~J
38 | 675 6.0 1.60 5.7 19.2 - - - 1.5 7 35 18 - -100 - 49.10 - - 80.01 -
39 { 675 4.7 1.30 7.3 19.2 - - - 1.5 72 35 93 - ~100 - 35.67 - - 7L.34 -
50 | 675 a7 1.60 7.3 2.6 - - - 1.5 72 35 79 - -100 - 42.60 - - 77.94 -
41 § 675 6.8 1.80 5.0 19.2 - - - 1.5 a3 20 - 36 ~100 - 71-89 0.00 - 83.79 2.76 (0.36)
42 | 675 6.8 1.80 5.0 19.2 - - - 1. 2 2 - 32 -100 - 71.55 0.02 - 85.27 2.62 (0.33)
42 4 65 meah ¥ 4 / 4 - - - - / v - - - - 86.70  3.20 (8.43)
42 - &5 meah v/ v v - - - I / 4 - / , 7 - - - - 83.63 324 (0.45)
43 | 685 6.7 2.00 5.0 2.8 - - - 1.5 22 20 - 30 -100 - 81.19 0.19 - 87.94 3.40 (0.47)
44 | 685 6.7 2.00 5.0 24.8 - - - 1.5 22 28 - 24 -100 - 82.80 0.0 - 88.78 3.23 (0.44)
45 | 675 6.5 2.20 5.0 26.6 - - - 1.5 22 20 - 10 ~100 -~ 80.93 0.08 - 89.30 1.50 (0.48)
3)
46 | 685 6.8 2.00 5.0 26.8 - - - 1.5 22 20 - 31 -100 - 75.81 3.52 - 87.87 6.57 (0.78)
47 | 685 6.8 1.88 5.0 19.2 - - - 1.5 43 20 - 2 ~100 - 63,60 0.02 - 85.51 1.59 (0.18)
48 | 685 6.8 1.80 5.0 19.2 - - - 1.5 43 20 - 28 -100 - 50.38 0.02 - 81.88 0.25 (0.03)
49 } 685 6.8 1.80 5.0 19.2 - - - 1.5 22 20 - 30 -100 - 54.95 0.02 - 83.69 1.34 (0.16)
50 { 685 6.8 1.80 5.0 19.2 - - - 1.5 36 20 - 40 -100 - 58.78 0.02 - 83.59 1.45 (0.17)
(s; 685 6.9 2.00 5.0 24.5 - - - 1.5 E 20 - 22 ~100 - 56.68 0.02 - 85.23 1.45 (0.17)
&,
(5)2 685 6.8 1.80 5.0 19.8 - - - L5 43 20 - 14 -100 24.17  64.92 0.02 85.25  B5.70 1.78 (0.20)
3
5; 685 6.8 1.80 5.0 19.8 - - - 1.5 6 20 - 3 -100 1833 73.37 0.04 82.94  B5.90 2.07 (0.26)
(5]
54 | €85 6.8 3.80 5.0 19.8 - - - 1.5 16 20 - 8 -100 38.50  80.07 0.13 87.66  85.66 3.35 (0.37)
55 | €85 6.8 1.80 5.0 19.8 - - - 1.5 36 20 - 38 -100 5.58  70.74 0.01 79.40 80.26 2.48 (0.28)
56 | 685 6.8 1.80 5.0 19.8 - - - 1.5 36 20 - 38 -100 26.50  75.32 0.14 82.70  B3.55 2.89 (0.33)
57 | 685 6.6 1.85 5.0 20.8 - - - 1.5 57 35 - 38 -100 5.88  72.94 0.01 83.00  82.33 2.49 (0.28)
58 | 685 6.6 1.85 5.0 20.8 - - - 1.5 57 35 - 32 -100 15.48  74.98 0. 1% 85.50  B86.20 2.51 {0.28)
59 | 685 6.6 1.85 5.0 20.8 - - - 1.5 43 35 - 28 ~100 5.90  71.72 0.01 83.90  84.91 2.39 (8.26)
60 | e85 6.6 1.85 5.0 20.5 - - - 1.5 58 35 - 3z -100 4.40  68.60 0.01 82.10  8.36 2.21 (0.25)
61 ] 685 6.6 1.85 5.0 0.8 - - 1.5 50 15 _ - 32 -100 17.50  72.28 0.04 86.20  83.72 2.76 (0.33)
62 | 685 6.6 1.85 | 5.0 20.8 - - - 1.5 43 35 - 32 ~100 18.10  75.13 0.01 83.50  B85.60 2.96 (0.34)
63 {685 4.9 1.85 5.5 22.5 - - - 1.5 50 35 - 31 ~100 3.34  64.83 0.01 81.25  83.91 2.18 (0.24)
64 | 685 1.8 1.85 7.0 27.8 - - - 1.5 50 35 - 4 -100 171 61.88 0.0L 88.00 82.91 2.81 (0.31)
%)
(1) BMD 1-22  2Zn mlddlings V
(2) BMD 23-36  Zn widdlings V1
(3) BMD 3745  zn middlings ViI
(4) BMD 46-51  In middlings VII1 (8lend 25% Zn + 51X Zn)
(S) 8MD 54-61  2Zn widdiings IX  (Blend 24X Zn + 51X Zn)
€6) WMD 62-64  7n middlinga X  (Blend 23X Zn + 512 In)

% (results {rom BMD 41 to 64 represent primary metal extraction only)



TABLE Al-4(a)

ZINC COMPOUNDS IN BRUNSWICK TAILINGS -REFLOAT CALCINES

SERIES B2C
Weight 7% ‘ : Zinc Distribution (%)
sphalerite ferrite oxysulphate sulphate - sphalerite ferrite oxysulphate sulphate
B2C-1 Rejected due to operational problems
1 " " n "

§ 1] " 1" tt 113

4 1" n (1] 1 "

5 " " 1] " " ——

6 1] n 1" " 1"

7 1] n 11} n "

8 " [ 1] 1] 1] "

9 . " 11 " 11 " :>
10 3.94 27.42 12.62 27.80 8.42 26.84 22.10 40.64 T
11 3.88 29.45 18.58 24,14 8.31 28.91 - 32.63 35.38 -
12 1.17 25.99 22.04 ‘ 20.62 2.59 26.32 - 39.93 31.18
13 1.40 26.88 - 17.55 26.41 3.03 ©26.68 31.16 : 39.14
14 0.48 26.61 ~ 5.56 38.69 1.10 27.91 10.43 60.59
15 0.97 27.31 5.58 38.13 2.20 28.36 10.37 +59.12
16 2.26 21.19 7.06 38.03 5.17 22.19 13.22 59.46
17 1.50 28.81 17.77 28.82 4.87 28.55 31.51 . 42,65
18 3.22 22.37 13.20 35.46 6.83 21.73 22.94 48.54
19 1.01 26.96 ©19.76 18.54 - 2.39 29.24 38.34 30.03
20 1.57 30.57 24.53 15.36 3.40 30.33 43.54 ' 22.76




TABLE Al-4(a) (Cont'd)

ZINC COMPOUNDS IN BRUNSWICK TAILINGS REFLOAT CALCINES

SERIES B2C
Weight 7 Zinc Distribution (7%)
sphalerite ferrite oxysulphate sulphate sphalerite ferrite oxysulphate sulphate

B2C-21 2.08 24.75 18.92 19.28 N 4.94 26.92 36.82 31.32

22 1.43 26.45 20.04 18.42 3.36 28.47 38.59 29.60

23 2.62 21.76 15.98 24.80 6.14 23.38 30.71 39.79

24 3.09 18.69 15.72 26.22 7.27 20.16 30.33 42,24

25 1.31 23.90 20.69 24.80 3.03 25.31 39.20 39.22

26 1.58 21.20 12.92 29.25 3.77 23.19 25.28 47.77

27 1.38 19.87 12.05 31.70 3.28 21.66 23.50 51.60 o

28 2.54 20.32 24.02 19.08 5.70 20.88 44,17 29.28 -

29 1.62 23.60 26.73 15.32 3.62 24.13 48.89 23.39 =

30 1.01 29.30 28.26 6.98 2.21 29.35 50.64 10.44

31 1.97 46.25. 25.76 - 4.81 51.72 51.53 -

32 2.52 45.54 28.88 2.00 5.20 43.09 48.89 2.83

33 1.76 23.07 19.75 20.57 4.13 24,82 38.01 33.05

34 2.35 25.37 12.52 28.18 5.40 26.72 23.59 44.33

35 3.85 44,29 24.10 7.73 7.83 41.26 40.16 10.75

36 0.92 37.15 9.09 29.50 2.02 37.35 16.35 44,30

37 0.87 34.42 22.03 9.71 2.10 38.15 43.69 16.07

38 1.90 57.09 14.35 6.67 4.24 58.34 26.23 10.18

39 1.94 35.28 15.81 24.21 4.07 33.94 27.21 34.78

40 1.51 23.34 2.22 45.24 3.36 23.78 4.05 68.83



TABLE Al-4(b)

ZINC COMPOUNDS IN BRUNSWICK TAILINGS REFLOAT CALCINES

SERIES BMS
Weight % - : Zinc Distribution (%)
sphalerite ferrite oxysulphate sulphate ‘ sphalerite ferrite oxysulphate - sulphate
BMS-1 1.99 25.84 25.60 16.58 4.31 25.64 45.45 24.57
2 1.66 23.13 4.02 36.01 ' . 4.13 26.37 8.20 61.32
3 1.67 19.72 7.43 33.69 4.19 22.68 15.29 57.86
4 1.86 22.26 7.41 36.30 o 4.36 24,26 14.23 58.19
5 0.76 19.76 5.19 - 39.04 1.86 22.21 10.44 65.52
6 0.80 24.71 - 1.08 41.64 1.90 26.90 2.10 67.70
7 0.48 18.51 1.97 40.40 1.29 22.76 4.33 74.18
8 0.95 20.47 - 2.79 39.16 - 2.41 23.81 . -5.81 68.02
9 0.75 . 18.47 1.25 42.85 : 1.26 22.11 2.59 © 74.09
10 1.07 18.53 2.08 43.85 ' ' 2.63 20.88 4.19 73.79 EE
11 1.05 20.70 3.89 43.48 _ 2.86. 25.79 8.67 80.90 o
12 1.62 21.78 6.47 40.64 ; 3.58 22.02 11.70 61.36 o
13 1.02 13.91 9.71 31.23 2.78 17.36 21.68 58.21
14 0.12 15.78° 9.88 33.85 0.31 18.73 20.98 60.00
15 0.63 . 15.79 7.52 28.59 . ‘ 1.88 21.55 18.36 58.27
16 0.39

12.79 6.81 35.48 . 1.03 - 15.55 14.81 64.41

o . .




TABLE Al-4(c)

ZINC COMPOUNDS IN BRUNSWICK TAILINGS REFLOAT CALCINES

SERTES BMD
Weight % Zinc Distribution (%)
sphalerite ferrite oxysulphate sulphate ~ sphalerite ferrite oxysulphate sulphate
BMD-1 1.78 15.63 12.36 38.63° 3.91 15.75 22.28 58.12
2 1.22 19.12 8.20 42.50 2.67 19.14 14.69 63.55
3 0.64 27.66 13.47 31.53 1.42 28.10 24.48 47.83
4 2.12 19.76 5.95 43.43 4.59 19.78 10.48 64.96
5 0.85 22.91 6.40 41.15 1.90 23.42 11.70 62.81
7 2.10 23.12 3.71 45.84 4.56 23.01 6.61 68.14
8 1.43 23.12 2.58 48.09 3.14 22.96 4.61 71.66
9 0.48 25.42 0.36 42.15 1.18 28.56 0.72 - 70.33
10 1.01 22.69 - 49.71 2.25 23.12 - 75.64
11 1.45 21.26 8.92 43.36 3.01 20.23 15.19 61.62 o~
12 1.97 20.30 3.12 46.29 4.37 20.61 5.67 70.20 =
13 1.21 23.47 8.02 45.97 2.51 22.32 13.64 65.30
14 1.00 52.63 " 27.11 7.66 1.90 45.77 42.18 9.95
15 0.78 30.04 27.83 13.97 1.66 29.34 48.63 20.38
16 0.86 18.47 2.67 48.67 1.92 18.89 4.89 74.33
17 5.75 13.85 2.64 49.95 12.73 14.04 4.79 75.64
18 1.66 16.84 5.35 47.63 3.58 16.65 9.46 70.33
19 0.82 14.10 3.30 49.47 1.87